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Abstract 

The present communication intends to report the numerical activities carried out to the development of a 
catalytic partial oxidation of hydrocarbons based reformer.  A series of numerical simulations were performed 
with a numerical model which considers the coupling between surface chemistry and heat and mass transport 
phenomena taking place at both bulk gas phase and catalytic porous layer. 

A procedure to assess about an optimal range for operating conditions is developed based on both fuel 
conversion and reformer efficiency achieved at catalyst’s outlet section. The catalyst surface temperature is also 
monitored to guarantee a stable operation far from the thermal catalyst deactivation regime.  An optimal range 
for air ratio, fuel flow rate and an inlet reformer temperature are pointed out for two case studies: the first case 
involves the performance of a nonadiabatic reformer and the second case considers an adiabatic reactor by 
adding to the nonadiabatic reformer disposal an inert front heat shield. The comparison between the 
performance of both reactors shows that heat losses from nonadiabatic reactor cause severe injuries on fuel 
conversion and reformer efficiency especially for low fuel flow rates. Consequently, the most favorable 
operating conditions achieved with the nonadiabatic reformer are attained at high flow rates. 
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1 INTRODUCTION 

Catalytic partial oxidation (CPOx) of hydrocarbons as a route to produce synthesis gas (a mixture of �� and ��) 
has received an increasing attention from the beginning of the 90’s of the last century after Schmidt and co-
workers [1-2] reported excellent fuel conversion and synthesis gas selectivity under autothermal and short 
contact time conditions using rhodium and platinum noble metals over monoliths. However, the first papers 
dealing with catalytic partial oxidation are dated of late 20’s to 40’s of the same century [3-5] but at the time this 
process revealed some disappointing features such as the strong tendency to coke deposition on Ni catalysts, 
leading to its fast deactivation which was not studied in detail, and the huge inlet feed temperature required to 
achieve high selectivity of syngas. This poor knowledge combined with the success of steam reforming was 
responsible for the decaying attention for decades on this process [6]. 

In fact, this process has several advantages over other well established technologies to produce syngas like the 
energy intensive steam reforming technology. The catalytic partial oxidation of hydrocarbons is globally 
described by the following reaction: 

���� � ���� ⟶ 	�� � ����,  Δ�°� 
 0 

In the case of being methane the fuel on the above reaction, the partial oxidation is mildly exothermic with a heat 
of reaction at standard conditions of about �36��/��� and with �� ��⁄  ratio of 2 which is optimal for 
downstream chemical processes (methanol or Fischer-Tropsch synthesis). Besides more economical than 
methane steam reforming, which globally is a strongly endothermic reaction (���° � �206��/���), this 
technology also requires much simpler equipment, shorter residence times (millisecond contact times) and 
presents the possibility to scale down (or up) [7] the reformer for a specific application, resulting in small 
reactors with a fast dynamic response due to its low heat capacity being suitable for mobile or stationary 
decentralized applications [8]. Since natural gas has a high dissemination in the industrialized countries, catalytic 
partial oxidation offers a promising way to produce �� rich mixtures for domestic applications namely to feed 
fuel cells for electrical generation purposes at residential level. Heat generation from thermal recovery of the fuel 
cell exhaust gases is also an opportunity to increase even more the overall efficiency of the primary energy 



 

utilization into final energy. Indeed, combined decentralized production of heat and power can reduce the energy 
distribution losses [9].  Moreover, since methane can be produced during anaerobic decomposition of organic 
waste (resulting in an energy gas carrier currently known as biogas), the usage of methane coming from this 
origin, through CPOx reactors, also contributes to a more sustainable and carbon neutral world. Apart from being 
a feedstock for synthesis of chemical compounds and to act as a fuel preprocessor for fuel cells, CPOx of 
hydrocarbons have also found applications on flame stabilization in gas turbines operating with lean conditions 
[8]. 

The European FC-District project, which aims to develop and build a decentralized µ-CHP system by tailoring 
each one of its components, is the main motivation for all numerical activities herein reported. The µ-CHP 
system is composed mainly by a Solid Oxide Fuel Cell (SOFC), a CPOx reformer, a desulfurizer unit to remove 
traces of sulfur components in the feed stream before entering in the catalytic reformer, a fuel mixer, a off-gas 
burner to remove toxic gases such as �� and to extract the energy content of the exhaust anode fuel cell gas and 
several heat exchangers, despite all the remaining electrical and electronic components. A SOFC shows several 
advantages over the remaining types of fuel cells due to its tolerance of �� and other minor impurities in the 
feed stream (syngas), its range of operating temperatures (600 to 1000ºC) and its high energy content exhaust gas 
for heat generation purposes [10]. A SOFC combined with a post-combustion in lean or ultra-lean conditions of 
the remaining �� and �� mixtures increases the overall combined system efficiency up to 90% [11].   

2 CHARACTERIZATION OF ACTUAL CPOX REACTOR 

CPOx reformer applied in the FC-District project has to fulfill two main requirements: high total reformer 
efficiency and low pressure drop. A commercial ceramic honeycomb monolith washcoated with Platinum Group 
Metals (PGMs) catalysts was employed without using radiative heat shields upstream or downstream to the 
catalytic region. Several reformer prototypes have been investigated experimentally by TUBAF [12] and 
numerical results are concerned with experimental data considering the geometrical properties of the monolith 
catalyst listed in Table 1.  

 
Table 1 – Geometrical properties of the catalytic monolith provided by catalyst supplier. 

*After washcoat application. 

Cell density [CPSI] 600 Porosity*  [%] 70.0 

Cell shape Square Specific surface area* [�� !] 32.27 

Monolith diameter [��] 3.7 Cell hydraulic diameter* [��] 0.087 

Monolith length [c�] 3.0 Washcoat thickness [#�] 40 
 

 

Moreover, the reformer performance was experimental and numerically characterized under the operation of 
several fuel compositions but the present report only covers modeling analysis with pure methane.  

Figure 1 depicts the reactor configuration as well as the main chemical species engaged in its application. In the 
present situation the feed gas stream is composed only by methane and air but in the range of fuel applicability to 
the FC-District CPOX reactor, biogas and a mixture of methane and propane or nitrogen have also been 
considered. Except for biogas utilization, the characterization of the reformer performance under the operation of 
the remaining fuels is due to the different natural gas composition over the European countries.   

 



 

 

Figure 1 - Reactor configuration and the main composition of the reacting mixture at inlet and outlet manifolds. 

Table 2 presents the relevant thermo-physical properties of the reactor for modeling purposes. Since the present 
study regards only analysis in steady-state conditions, values for specific heat and density of the monolith are not 
useful in the applied mathematical model.  

   
Table 2 – Thermo-physical properties of the CPOx reactor. 

Solid conductivity [%/&�.'(] 3.0 

Solid emissivity [-] 0.7 

Washcoat density [)*/�+] 1.5 
 

3 GOVERNING EQUATIONS 

Numerical modeling results herein reported were performed using a unidimensional heterogeneous mathematical 
model for a single channel of a fixed bed reactor. The model assumes no heat and mass transfer across channel 
walls, which is a quite good assumption when the incoming feed gas stream has constant properties (velocity, 
temperature and mixture composition) at the monolith entrance section and when all channels have the same 
thermal properties and equal catalytic distribution and activity. Fulfilling these conditions, all channels behave 
essentially alike and consequently just a single channel of the whole reactor is evaluated. 

Being heterogeneous, the model includes phenomena taking place at two different phases: the bulk gas phase and 
solid phase (reactor walls). For each phase species mass balances and energy balance are performed and 
therefore the model is able to predict temperature profiles and product distribution for both phases along the 
axial direction of the channel. Thus, solid catalyzed reactions are accounted for in the balances of solid phase. 
Both phases are necessarily coupled together through external heat and mass transport properties given by 
Nusselt and Sherwood correlations respectively, proper for the range of operating conditions simulated and the 
geometrical properties of the catalyst carrier.      

3.1 Gas phase balance equations 

Species mass balances (equation (1)) and energy (equation (2)) equations of gas phase share the same 
phenomena: they consider mass and heat convection (between both phases) and diffusion. Following several 
literature findings [13-15] it was not considered gas phase reactions in the model gas phase equations since at 
typical methane CPOx conditions (atmospheric pressure and millisecond contact times) the heterogeneous 
reactions contribution is much more important than the contribution from gas phase reactions. However, it is 
largely accepted that homogeneous reactions become important at higher pressures (. 5/01) [14, 16-17] or 
when fueling the reactor with higher hydrocarbons than methane there is also an important chemical path due to 
homogeneous chemistry [18-21]. 
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The correction velocity formalism was employed in equation (1) to ensure mass conservation through the axial 
direction of the channel. 

 234�D,4 5E459 � �234:�DF 5E45	 � 55	 G2�4 5E45	 H � 234 I 67,4<7,4�D,7
JJFKL
7MN

5E45	 �	0>P;E4 � EQ= (2) 

The third term one RHS of equation (2) is usually negligible comparing to the remaining terms but it is included 
in order to retain coherence between the energy and species mass balances, due to the distortion imposed by 
molecular diffusion on the species mass balances.  

Momentum balance equation was not implemented in the model scheme since the pressure drop along monolith 
length is usually considered as negligible [8, 22].  
 

3.2 Solid phase balance equations 

Solid phase species mass balances are given by equation (3) which include external mass transport (mass 
convection) and molecular production/consumption due to surface chemistry. 
  

 R34 567,C59 � 0>34?@AB,7;67,4 � 67,C= � ST 7,CU7  (3) 

 

Mass balances are performed in the interface between the free bulk gas flow and the external washcoat surface 
area. Regarding energy balance (equation (4)) it includes the axial heat conduction, interphase heat transport and 
the net heat release form surface reactions.  
 

 &1 � 2(3Q�DL 5EQ59 � 		 55	 V�Q,WXX 5EQ5	 Y � 0>P;E4 � EQ= � I ST 7,C�7
	JJ,C
7MN

 (4) 

Transport diffusion limitations along washcoat layer (intraphase diffusional resistances) are already included in 
the surface molecular production/depletion term (ST 7,C) with a particular washcoat model (see §4.2.2). 

3.3 Boundary Conditions 

The computational domain applied in numerical simulations for the actual reactor configuration (Figure 1) starts 
at the inlet section of the catalytic region to its outlet section and hence the computational domain has 3.0cm 
(Table 1).  Danckwerts type of boundary conditions were applied to both gas phase balance equations, due to the 
relative importance of molecular and heat diffusion in gas phase at the beginning of the computational domain. 
A radiative boundary condition was applied to the energy balance equation of the solid phase. At the outlet of the 
domain, it was imposed to all dependent variables Neumann boundary conditions of zero flux. 
 

Table 2 – Boundary conditions applied on governing equations for the actual reformer disposal. 

  Z � [. [�� Z � +. [�� 

GAS PHASE 
BALANCE 

EQUATIONS 

Species 
Mass 67,4 � 67,\] � 67,4<7,4: � 0 

567,45	 � 0 

Energy 34�D,4:;E4 � E4,\]= � �4 5E45	 � 0 
5E45	 � 0 

SOLID PHASE 
BALANCE 

EQUATION 
Energy �Q 5EQ5	 � ^2Q;E4,\]_ � EQ_= � 0 

5EQ5	 � 0 

 



 

4 MODELING ISSUES 

4.1 Chemical Kinetics 

Heterogeneously solid catalyzed reactions were evaluated with one global reaction mechanism suitable for 
methane catalytic partial oxidation over PGMs catalysts [23]. This mechanism has shown to be strongly 
adequate to the real catalyst formulation and activity applied in the reactor used in the project. The mechanism 
comprises 6 chemical species (��_, ��, ���, ���,�� and ��) and it follows an indirect consecutive syngas 
production scheme [6], through which syngas is only produced after the oxidation of some fuel through steam 
reforming reaction with the remaining unoxidized fuel. Water-gas shift and its reverse as well as �� and �� 
consecutive oxidation reactions are also taken into account in the molecular kinetic scheme. Kinetic rate 
equations follow the Langmiur-Hinshelwood (LH) type and its kinetic parameters can be found elsewhere [23]. 

The species production/consumption term from surface kinetics, which appears in both balance equations of 
solid phase, are given by expression (5). 	 
 ST 7,C � I`7,� . a� . b�.

c�
�MN

d. 3eAB (5) 

4.2 Transport Phenomena 

There is a strong coupling between surface chemistry and transport of heat and mass between both phases and 
even within the same phase. This is mainly due to the fact that reactant species must travel from the bulk gas 
phase, through external mass transport, to the external catalyst surface and then diffuse in the pore structure of 
the washcoat layer. Along the washcoat thickness reactant species undergo through heat and mass transfer 
limitations in series with surface chemical reactions. Thus, two kinds of transport phenomena are herein 
involved: external or interphase and internal or intraphase. 

4.2.1 External transport 

External transport couples both phases in terms of energy and species mass balances and since the model is 
unidimentional this must be accounted for through proper correlations, which return the coefficients for heat and 
mass convection. Therefore, it is of paramount importance to employ adequate Nusselt and Sherwood 
correlations to correctly model this type of transport phenomena. Since the honeycomb monolith has square 
shaped channels (Table 1) the following Nusselt correlation is widely applied in literature [24]: 
 
 f: � 2.977 � h8.827&1000i∗( k.l_lmn	o	&�48.2i∗( (6) 
 

where, i∗ � � �pq,rKstuvWw  
Sherwood correlation is simply achieved by the application of Chilton-Colburn analogy. 
 

4.2.2 Internal transport – Mass transfer resistance 

The washcoat application on reactor walls requires the diffusion of reactant species through the porous nature of 
the washcoat layer until they reach the catalytic particles and undergo in chemical surface reactions. Therefore, 
mass and heat transport limitations along washcoat layer can be severe but normally the achieved net result is 
largely profitable than without using any washcoat layer [25].  

Hence the reaction-diffusion problem along washcoat thickness should be overcome using a detailed or a 
simplified washcoat model. These models aim to quantify the concentration and thermal gradients along the 
washcoat layer and therefore they intend to evaluate the average molecular consumption/formation rates at each 
reactor position. In general, increasing the washcoat thickness keeping constant its pore size distribution the 
gradients become more pronounced and its utilization becomes more inefficient. Therefore, in practice there is a 



 

compromise between the washcoat thickness and the performance requirements of the catalyst, since using much 
more catalyst for a specific range of operating conditions does not return a significant difference on fuel 
conversion and syngas selectivity.  

In this work, isothermal washcoat layer is assumed along a simplified approach using generalized effectiveness 
factors since the kinetic expressions follow the LH type. Internal diffusional resistances were then applied to 
each oxidation reaction considering �� the reactant species with lower effective diffusivity and consequently the 
limiting one. For methane steam reforming reaction ��_ was considered the limiting species. Thus for these 
reactions, Thiele moduli are given by expression (7) where � corresponds to the limiting species. 
 

 
x7,� � yeABa�&�7z(d3eAB

{2| }WXX,7~��~��� a�&�7(d3eAB��
 

(7) 

Finally, since the washcoat thickness is small it can be treated as a flat surface and therefore the effectiveness 
factor for each reaction is simply given by expression (8). 
 

 b� � 90�P	&x7,�(x7,�  (8) 

Effective diffusivities above required were computed using the random pore model [25] with a bimodal pore 
structure and with both molecular and Knudsen contributions through the Bonsaquet equation. A typical 
washcoat pore structure was assumed [27] and molecular diffusivities were evaluated using Füller-Schettler-
Giddings correlation [28]. 

4.3 Numerical model 

The above mathematical model was implemented in an in-house version of PREMIX code [28] from CHEMKIN 
family combustion softwares. Finite difference approximations are employed to reduce the boundary value 
problem to a system of nonlinear algebraic equations. Thus, convective and diffusion terms are discretized by 
central difference schemes and then, on a nonuniform coarse initial mesh, the program attempts to solve the 
problem by a damped Newton’s method which determines a sequence of steps to achieve the true solution to all 
dependent variables. After the determination of the converged solution on a previous mesh, an adaptive mesh 
procedure is employed to reach finer meshes based on gradients and curvatures resolution between each grid 
point. Time-stepping procedure is also applied to achieve the steady state solution when the initial solution lies 
out of the steady state domain of convergence of Newton’s method. More information about the numerical 
model herein employed can be found elsewhere [28-29]. 

All thermodynamic and transport data were evaluated using CHEMKIN libraries [30-31] with thermodynamic 
and transport coefficients given by GRI3.0 database [32]. This model was previously validated with excellent 
agreement against reference numerical and experimental data reported in literature [26].  

5 RESULTS AND DISCUSSION 

5.1 Model Validation 

The comparison between experimental measurements and numerical simulations, for the actual reformer 
performance, are herein presented for 3 different working conditions. Therefore, Figure 2 presents gas and 
surface temperature profiles and integral product distribution in a dry basis. Numerical results are presented in 
solid or dashed lines whereas experimental measurements are presented by symbols. 

As one can see the numerical results are in good agreement with experimental data. Moreover, the model has 
always shown a predictive behavior, with no adjustable parameters, for a large set of experimental 
measurements.  
 



 

 

 

 
Figure 2 – Comparison between numerical simulation results and experimental data. a) Gas and solid 

temperature profiles; b), c) -  Integral product distribuition in dry basis. 

5.2 Optimal range for operating conditions 

The main purpose of this section is to identify a range for air ratio (�), fuel volumetric flow rate (<TX�W�) and an 
inlet reformer temperature (E@\�) that lead to higher levels of fuel conversion (iX�W�) and reformer efficiency 
(b�WX) along with a stable operation, ie. without deactivation issues, namely related with thermal deactivation 
mechanisms (sintering or phase transformations) [33]. It is broadly accepted for PGMs catalysts a maximum 
surface temperature (EQ,@A�) of about 1000ºC to guarantee a stable long term operation [22, 34]. Therefore, fuel 
conversion, reformer efficiency and surface maximum temperature are the control parameters herein employed 
to define an optimal range for operating conditions.  

To accomplish the proposed goal, three inlet reformer temperatures were considered (250ºC, 300ºC and 350ºC), 
an air ratio range between 0.28 and 0.33 and a fuel volumetric flow rate range starting from 2 to 8 NL/min. This 
range of operating conditions has been considered suitable for CPOx reformer to assure a proper feed stream for 
SOFCs [12].  

5.2.1 Actual reactor geometry 

Since the catalytic layer starts at the beginning of the monolith reactor, a hot spot at the entrance section will 
appear due to the exothermic nature of the reactions in this region and consequently, radiative heat losses from 
the inlet section to the inlet manifold will decrease the temperature field inside the reactor and damage its 
performance. Starting with fuel conversion, Figure 3 shows that increasing the inlet reformer temperature the 
domain (� � <TX�W�) at which the fuel conversion exceeds 98% also increases. A fuel conversion equal or above to 
98% will be taken into account to further define an optimal range for fuel flow rates and air ratios. As depicted in 
Figure 4, the reformer efficiency levels in the � � <TX�W� domain also increase with inlet reformer temperatures. 
Hence, for the inlet reformer temperatures considered and in the � � <TX�W� domain it was always found a 
maximum for reformer efficiency at 8NL/min but the corresponding air ratio decreased from 0.305, 0.30 and 
0.29 for 250ºC, 300ºC and 350ºC, respectively. Moreover for 250ºC, 300ºC and 350ºC the maximum value for 
reformer efficiency is 87.1%, 87.9% and 88.7%, respectively. 
 

b) a) 

c) 



 

 
Figure 3 - Two isolines of fuel conversion (98% and 96%) for 3 different inlet reformer temperatures. 

In fact, the variation observed on fuel conversion and reformer efficiency with fuel flow rate is largely due to the 
heat dispersion from the front section of the catalytic monolith. It is expected that the relative heat losses by 
radiation decrease with the input power, and consequently for low flow rates a worst performance is presumed 
when comparing it to the adiabatic reformer performance.  
 

 
Figure 4 - Three/four reformer efficiency isolines for the three inlet reformer gas temperatures. The points at <TX�W� � 8f�/��� indicate, for each inlet gas temperature, the location of the maximum reformer efficiency. 

In the absence of a specific requirement for the inlet reformer temperature, reformer efficiency equal or above 
88% is herein chosen to define an optimal range for operating conditions and inherently an inlet reformer 
temperature of 350ºC is also selected. However, it is still need to guarantee an operating regime far from high 
surface temperatures and as expected the region of the domain which ensures a stable operation decreases when 
the inlet gas stream temperatures increases. Thereby, in Figure 5 one can define different ranges for air ratios and 
fuel flow rates for each inlet feed stream temperature that maximizes both fuel conversion and reformer 
efficiency and assures surface temperatures bellow the maximum allowed. 

Finally, the optimal range for fuel flow rates and air ratios is defined by expression (9) and it is denoted in Figure 
6 as “Optimal Operating Regime” for an inlet gas temperature of 350ºC. 

 

 �iX�W� � 98%	 ∩ b�WX � 88% ∩	EQ,�A� 
 1000�� (9) 

 
 



 

 
Figure 5 - Isolines of fuel conversion, reformer efficiency and maximum allowable surface temperature for the 

actual reactor disposal. 
 

 
Figure 6 – Range of operating conditions that maximize reformer efficiency and fuel conversion for the actual 

reactor disposal. 

5.2.2 Adiabatic reactor 

An adiabatic reactor is now considered by adding to the actual reactor disposal (Figure 1) a catalytic inert front 
heat shield (FHS), with a length of 2.0 cm, in order to avoid heat losses by radiation from the glowing entrance 
section of the catalytic monolith. The FHS is assumed to have the same geometrical properties of the catalytic 
monolith (Table 1) and a perfect continuity between both structures is assumed. Therefore, regarding the 
mathematical model, instead of Danckwerts type of boundary conditions applied on both gas phase balances, 
Dirichlet boundary conditions were applied and for energy balance of solid phase a Neumann type of boundary 
conditions were considered. 

Since radiative heat losses, from the inlet section of the catalytic monolith, is by far the most important 
phenomenon for the observed variation on fuel conversion and reformer efficiency with fuel flow rate variations, 
in this section it is intended to determine how more efficient would be the reforming process if an adiabatic 
reactor was applied. Therefore, it is expected a larger domain than the previous (Figure 6) which return, at outlet 
reformer conditions, the same optimal range for fuel conversion and reformer efficiency.  

Thus, Figure 7 shows, for each inlet reformer temperature, isolines of the maximum allowed surface 
temperature, fuel conversion equal to 98% (for an inlet temperature of 350ºC all domain has a fuel conversion 
above 98%) and reformer efficiency equal to 87% (for 250ºC and 300ºC) and equal to 88% (for 350ºC). 
Comparing Figures 5 and 7, one arrives to the conclusion that for each inlet reformer temperature the domain for 
the same level of reformer efficiency and fuel conversion is higher for an adiabatic reactor.  



 

In Figure 8, the operating regime which assures the same criteria (expression (9)) as that defined in Figure 6, 
shows that the range for operating conditions are now larger and better, it does not present sensitivity to the input 
power which is beneficial when it is intended to attain specific throughputs from the reactor without any expense 
on fuel conversion or reformer efficiency. Figure 8 also shows, through a dashed red line, the maximum 
achieved reformer efficiency (~89.3%).  
 

 
Figure 7 – Isolines of fuel conversion, reformer efficiency and maximum allowable surface temperature for an 

adiabatic reactor. 
 

 
Figure 8 – Range of operating conditions that maximize reformer efficiency and fuel conversion for an adiabatic 

reactor. 

6 CONCLUSIONS 

The present work deals with numerical modeling analysis of catalytic partial oxidation of methane in extruded 
monolith structures coated with PGMs catalysts. The model applied takes into account the coupling between heat 
and mass transfer and surface chemistry as well as diffusional limitations of mass along washcoat layer. The 
model was validated for a large set of experimental data. 

An optimization procedure was then carried out to define a range for operating conditions which returns at the 
outlet section of the reactor a specific range for fuel conversion and reformer efficiency while keeping catalyst 
surface temperatures bellow the maximum value allowed. The optimization procedure was performed for two 
case studies: 1) with actual nonadiabatic reactor configuration and 2) with an adiabatic reactor. The results for 
case 1) show that higher levels of fuel conversion and reformer efficiency are observed for higher fuel flow rates 
since the relative heat losses decrease. For case 2) higher values for fuel conversion and reformer efficiency are 
noticed comparing with case 1) and these values do not present great sensibility to the input power. However, it 
is worth noting that the adiabatic case study involves higher overall pressure drop which can be a key parameter 
in reactor design.  
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NOMENCLATURE 

0>  Specific surface area. [� N] 2Q Solid emissivity. [-] 

: Mean flow velocity. [�. � N] ^ Stefan-Boltzmann constant. 
[�.� �. ? _] 

?@AB,J External mass transport coefficient. [�. � N] b�WX Reformer Efficiency.  [-] 

6J Mass fraction of the kth species. [-] � Air ratio. Defined according to the 
stoichiometry of methane total 
combustion reaction. [-] 

��°� Enthalpy of reaction at STP conditions. 
[�.��� N]   

<J Diffusion velocity of the kth species. [�. � N] Subscripts 

�D Specific heat. [�. �� N. ? N] � Solid. 

P External heat transport coefficient. 
[�.� �. ? N] � Gaseous mixture. 

� Thermal conductivity. [�.� N. ? N] �, � kth species of gas phase mixture. 

a� Rate of progress of reaction R. 
[���. ��eAB N . � N] �,� kth species of solid phase mixture 

� Molar concentration. [���.� �] �09 Catalyst, washcoat. 

}WXX,7 Effective diffusivity of the kth species 
[��. � N]   

iX�W�  Fuel conversion. [-] Superscripts 

�� Hydraulic channel diameter [�] � External washcoat surface. 

  na Chemical equilibrium. 

Greek Letters   

2 Bed porosity. [-] Acronyms 

3 Density. [��.� �] CPOX Catalytic Partial Oxidation. 

d Catalytic volumetric fraction. [-] CHP Combined Heat and Power. 

`7,� Stoichiometric coefficient of species k in 
reaction R. [-] 

SOFC Solid Oxide Fuel Cell. 

x7,� Generalized Thiele modulus of reaction �. [-] PGMs Platinum Group Metals. 

b� Effectiveness factor applied to reaction R. [-] LH Langmuir-Hinshelwood. 

yeAB Washcoat thickness. [�]   
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