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Summary

This document presents a review on conventional non-catalytic and catalytic reforming strategies
applicable for biogas.

The document gives an overview of the u-CHP system needs and formulates different strategies
that can be used in the FC-District u-CHP unit working with biogas.

The document provides typical biogas compositions highlighting harmful contaminants for the fuel
processing components of the system and the required cleaning technologies to pre-treat the
biogas.

The potential applicability of the biogas reforming strategies to FC-District u-CHP system was
assessed. The catalytic partial oxidation of biogas was found the most prominent technology to be
applied in the FC-District u-CHP unit.

The catalytic partial oxidation to reform biogas mixtures under the FC-District u-CHP system was
investigated experimentally and also numerically. Very good agreement between the numerical
results and the experimental data was observed under operating conditions relevant to
downstream project requirements.

Future activities to address the problem of replacing the utilization of conventional fuels, namely
natural gas, by biogas mixtures in the yu-CHP system can be strongly supported on the present
document.
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1. Introduction

1.1 Biogas

Biogas consists in a mixture composed mainly by methane and carbon dioxide derived from the
anaerobic decomposition of any organic biodegradable material (biomass) by the action of a
population of microorganisms®. A large variety of feedstock has been considered suitable for the
production of raw biogas such as animal manure, sewage sludge, municipal solid wastes, agro-
industrial wastes, by-products from the production of biofuels and energy crops [171,173].

The composition of the raw biogas depends on several factors such as on the feedstock
(substrate) composition, batch load, operating conditions and the technical specifications of the
digester. Table 1 presents a typical range for the major components in the biogas composition.
Traces of other compounds can also be found such as aromatics, sulphur compounds, higher
hydrocarbons or siloxanes. A large collection for biogas (landfill gas) compositions can be found in
Appendix II.

Table 1. Typical composition of biogas [171].

Component
Methane (CH4) 55-65
Carbon dioxide (CO2) 35-45
Nitrogen (N2) 0-3
Oxygen (02) 0-2
Hydrogen Sulphide (H2S) 0-1
Hydrogen (H2) 0-1
Ammonia (NH3) 0-1

The presence of hydrogen sulphide in the biogas composition is an issue that concerns the biogas
applications. Hydrogen sulphide is a toxic, corrosive and malodourous component. Furthermore,
regarding biogas applications involving the presence of catalysts, hydrogen sulphide in the feed
stream can lead to the catalyst deactivation by poisoning. An extensive list of other contaminants
and their potential for damaging reforming catalysts and anodic materials of the SOFC are
presented in Appendix IlI.

Biogas is a promising fuel for a large number of applications. Biogas can be utilized for the
production of heat and stream and/or for electricity generation/cogeneration in combined heat and
power (CHP) applications. Several EU countries have recently initiated programs to increase
biogas penetration in the transport sector [174-175]. Also, conventional gas burners can easily be
adjusted for biogas operation by changing the air-to-gas ratio. Burning biogas is an established
and trustworthy technology, with low demands on biogas quality. However this is not the case for
biogas use in fuel cell systems. As stated above, fuel cells are considered to become the small-
scale power plant of the future, having the potential to reach very high efficiencies and low
emissions. Special interest for biogas is focused on hot fuel cells (>800 °C), where CO, does not
inhibit the electrochemical process but rather serves as a heat carrier. Generally, biogas has a low
heating value, caused by the relatively high levels of carbon oxides and nitrogen. However, this

! A detailed description of the production process can be found in Appendix |.
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drawback is not an issue for fuel cells, particularly the molten carbonate (electrolyte) fuel cell
(MCFC) and solid oxide fuel cell (SOFC), which are able to handle very high concentrations of
carbon oxides [176].

The contaminants presented in the raw biogas composition should be removed to a certain degree
before biogas utilization. Depending on its initial composition® and its purpose there are several
technologies that can be employed for biogas cleaning [173]. For the use of biogas/landfill gas in
SOFC systems the required clean-up flux was proposed by OVM-ICCPET and it can be found in
Appendix V.

1.2 SOFCs and fuel flexibility

Enhancing energy efficiency and promoting sustainability requires a thorough assessment of novel
energy conversion concepts and technologies. Fuel cells are energy conversion devices converting
the chemical energy of a hydrocarbon fuel into electricity and heat through a series of thermo-
chemical and electrochemical reactions. There are several types of fuel cells, mainly differentiated
by the type of electrolyte and the range of operating parameters, such as primary fuel feed and
stack temperature (e.g. [176]). Solid-oxide-fuel-cells (SOFC), in particular, have two unique
characteristics that make them ideal candidates for a number of applications in the energy sector.
They are solid devices without any moving parts and operate at relatively high temperatures (650-
1000 °C) over varying load conditions, yielding exploitable heat and electricity (e.g. [175]). As such,
their operation is not limited by second law considerations and they can achieve very high
efficiencies, particularly at low to intermediate powers. Furthermore, small scale SOFC systems of
the order of a few kW are potentially ideal candidates for decentralized microcogeneration (u-CHP)
systems, also at domestic or district scales, producing both heat and electricity in a certain ratio to
each other, providing potential reductions in carbon emissions and costs by generating both heat
and electricity locally with efficient fuel use and by offsetting the use of centrally generated
electricity from the grid (e.g. [177]).

Over the last decade, SOFC technology has reached a certain degree of maturity both at
component and system level. Note that fuel flexibility in SOFC systems, is essential, particularly in
their operation at district level, where specific fuel availability may be limited or constrained. In
principle, SOFCs can operate over a wide range of fuels. Recently, there is a growing interest in
developing fuel flexible systems capable of operating with highly variable and potentially low quality
fuels, while also producing minimal air pollutants [178]. SOFCs can operate either on hydrocarbon
or reformed-hydrocarbon fuels. Due to their high operating temperatures, SOFC operation directly
on hydrocarbon fuels is possible, e.g. [179], but practical systems rely entirely on fuel reforming
processes in order to convert the fuel into hydrogen and/or syngas, e.g. [180]. Syngas mixtures, in
particular, are ideally suited for use in SOFC systems, with pure CO also being a viable option
[181]. Currently, methane is the fuel of choice in fuel cell applications mainly in view of its high
hydrogen to carbon ratio (e.g. [182]). Reforming of higher pure hydrocarbons (e.g. butane) and
practical fuels (e.g. gasoline and diesel) is also an option but has been shown to result in a
reduced overall fuel conversion into hydrogen [182].

On the other hand, the use of alternative, non-fossil fuels as syngas sources to feed SOFC
systems is steadily increasing due to energy security and supply issues as well as concerns about
climate change. Renewable methane sources, such as biomass or biogas from anaerobic
digestion gas from municipal waste incinerators [176], can also be utilized as syngas sources to

2 Appendix IV presents standars for sampling and measurement of biogas contaminants.
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feed SOFC systems [183]. Synthetic natural gas (SNG) and biogas produced from biomass are
promising, environmentally-friendly, alternative fuels for use in SOFC applications, particularly for
small scale domestic applications. For example, bio-alcohols constitute an additional possibility.
Ethanol in particular, is a renewable fuel, provided it is derived from feedstock, biomass (e.g. [184])
and waste products (e.g. [185]), and has a high enough hydrogen content in order to be a
candidate for hydrogen production in fuel cell systems through a reforming process (e.g. [186]).
Essentially, any mixture rich enough in H, and CO that does not lead to carbon deposition in the
anode can in principle be utilized in SOFCs, e.g. [187].

Although internal reforming directly at the stack of large-scale systems is possible, and has been
demonstrated (e.g. [188]) for a variety of fuels, from natural gas to alcohols and practical
transportation fuels [180,189], external reforming is generally preferable, at least in cases where
fuel flexibility is a prerequisite, owing to the relatively high operating temperatures and the
increased risk of carbon deposits and anode deactivation [181], associated with the former.
Generally, available reforming technologies include steam reforming (SR), partial oxidation (POXx)
and autothermal reforming (ATR) (e.g. [175-176]). The exothermic POx process appears
advantageous in terms of system complexity and integration, also having good dynamic response
to load variation. In order to enhance POx reforming efficiency, catalysts are widely used, but
suffer from poisoning and age degeneration. Moreover, catalysts are specific to the particular
primary fuel and reforming application. On the contrary, an alternative thermal POx (TPOXx)
reformer appears to be a proper solution towards an SOFC fuel flexible system.

1.3 Objectives

The present document intends to provide the state-of-the-art of external reforming technologies
with potential for SOFC systems. Reforming technologies for common and alternative hydrocarbon
fuels with and without the requirement of catalysts are revisited. Among the non-catalytic reforming
technologies the benefits of thermal partial oxidation and pyrolysis are extensively discussed while
for catalyst aided reforming strategies CO, reforming, steam reforming, catalytic partial oxidation
and autothermal reforming are examined. In particular, a numerical assessment for the potential of
catalytic partial oxidation with biogas in the FC-District uy-CHP unit is also presented.

1.4 Document organization

This deliverable is organized in 5 sections. Besides the introductory section, section 2 and 3 are
concerned with the non-catalytic and catalytic reforming technologies, respectively, section 4
discusses the applicability of biogas catalytic partial oxidation for the FC-District y-CHP system.
Summary conclusions are drawn in section 5.
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2. Non-catalytic reforming strategies of biogas

As also stated in the introduction of this deliverable, the exothermic POx process appears
advantageous in terms of system complexity and integration, also having good dynamic response
to load variation. In order to enhance POx reforming efficiency, catalysts are widely used, but
suffer from poisoning and age degeneration. Moreover, catalysts are specific to the particular
primary fuel and reforming application. In order to take full advantage of the SOFC fuel flexibility
capability, an alternative thermal POx (TPOx) reformer appears to be a proper solution. The
operation of such a reformer, either as a standalone unit [190-191] or as an integral part of a
prototype SOFC system [192-193] has been extensively studied. A TPOXx reactor is in ideal
agreement with the desired SOFC fuel interchange-ability, as it is very fuel flexible since the fuel
conversion and product yield depend on operating parameters and are not constrained by potential
fuel-catalyst incompatibilities. In order to achieve efficient operation in the absence of a catalyst,
high temperatures in excess of 1000 K (ca. 1300 °C) are required. This is not an issue in SOFC
systems since they already operate at elevated temperatures. However, high temperatures
combined with fuel rich reformate mixtures provide ideal conditions for carbon deposits. Efficient
operation of the fuel cell system requires not only optimization of the hydrogen/syngas yield, under
a wide range of operating conditions, but also minimization of the potentially harmful carbonaceous
species formation. The total amount of carbon at the reformer exit is of major importance since the
mixture is subsequently fed into to the porous anode (e.g. [180]) where electrochemical oxidation
takes place.

Previous numerical studies on the thermo-chemical behaviour of integrated SOFC systems have
revealed that significant chemical activity takes place, not only in the reformer and the off-gas
burner, but also in several auxiliary components, such as the connecting pipes between the
reformer and the stack (e.g. [192]). The extent of such chemical activity largely controls efficiency
and can also result in highly undesirable kinetically controlled processes, such as ignition and soot
formation, anywhere in the system. In order to study and predict such thermo-chemical behaviour,
a solely thermodynamic approach is not sufficient, and can, at best, provide limited information for
syngas yield, and only under a narrow range of operating conditions. Instead, a detailed kinetic
methodology is essential for accurate predictions and a complete representation of both fuel
conversion and carbon formation processes. This is even more the case when evaluating
advanced fuel cell operation concepts, including mass integration (e.g. [194-195]). Mass integrated
SOFC systems, incorporate anode flue gas recirculation in order to improve system efficiency and
avoid carbon deposition within the reformer and the stack [195]. Such systems operate very close
to the carbon deposition limit, thus requiring efficient control strategies (flue gas composition and
enthalpy state determination, dilution rate and so on) that can only be properly defined by resorting
to detailed chemical considerations.

In the following section (section 2.1) a comparative study of the non-catalytic POx reforming
operation with conventional (methane) and alternative (biogas, methanol and ethanol) fuels is
presented. The reforming performance for each fuel is characterized on the basis of syngas vyield,
reforming efficiency and pollutants formation. Section 2.2 focuses on the experimental and
numerical investigation of non-catalytic pyrolysis of methane mixtures at atmospheric pressure in
an isothermal plug flow reactor (PFR).
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2.1 Assessment of the reforming potential of common fuels for practical
applications

While biogas has been considered for use in SOFC with almost all catalyst-based reforming
technologies, relevant studies focusing on the non-catalytic biogas TPOXx reforming are lacking. In
order to explore the potential of biogas TPOx reforming for SOFC applications, a comparative
computational assessment of biogas as compared to methane, methanol and ethanol has been
conducted. Comparisons with other commonly used fuels in SOFCs, provides an excellent starting
point for further studies of biogas utilization in real practical reformers, since it can provide solid
methodological guidelines that can be applied for an optimal system design.

The present study on the assessment of the reforming potential of common fuels for practical
applications is organized as follows: the numerical methodology is described first (section 2.1.1),
followed by numerical computations regarding the onset of ignition (section 2.1.2) and finally by a
detailed kinetic evaluation of the reforming process (section 2.1.3).

2.1.1 Numerical methodology

In order to assess the TPOXx reforming potential of common fuels, two kinds of computations have
been performed in this work. The first relates to the quantification of the ignition propensity of the
fuel mixtures considered, for typical TPOx conditions. This would provide rough guidelines for the
operation of real reforming devices. The onset of ignition has been investigated through transient
calculations in a closed, constant pressure, adiabatic, perfectly stirred reactor (PSR).
Computations have also been performed in an isothermal, atmospheric pressure plug flow reactor
(PFR) in order to provide a detailed representation of fuel fate and product formation within the
TPOXx reactor. The results of these computations will lead to an accurate prediction of product
yield, conversion efficiency and carbonaceous species formation tendency. For both numerical
investigations, a wide range of operating conditions have been considered; initial temperatures
from 650 K to 1500 K, fuel — air mixture stoichiometries in the range ¢ = 2 - 6. In the context of the
present work stoichiometry is expressed in terms of the equivalence ratio, defined as the actual
(mass) fuel-to-air ratio over the stoichiometric fuel-to-air ratio.

The chemistry model used has been mainly developed in order to describe the combustion
chemistry of hydrocarbon fuels and has been demonstrated to accurately describe chemistry
relevant to SOFC components and systems processes, in the operational range of the latter. The
mechanism has been extensively validated against experimental speciation data from laminar
counterflow, premixed flames and shock tubes, including laminar flame speeds and ignition time
delays, as well as from perfectly stirred and plug flow reactors, all under a wide range of
temperatures, pressures and stoichiometries. During the last years the mechanism has been
exploited in order to describe the combustion chemistry of conventional, i.e. methane [190], ethane
[196], allene and propyne [197-198], benzene [199], and alternative, i.e. biogas [196], methanol
[197-198], ethanol [200], fuels. The mechanism has also been supplemented with sub-models for
polycyclic aromatic hydrocarbons (PAH) [201], NO, chemistry [169] and for poly-chlorinated dioxins
and furans (PCDD/F) [202]. The mechanism currently consists of 1150 reactions among 191
species and is available from the authors upon request. All computations have been performed
with CHEMKIN [203]
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2.1.2 Onset of ignition

The present section presents fundamental computations relating to the onset of ignition in the
reformer. The onset of ignition is defined as the time corresponding to the maximization of the
temporal temperature derivative in the closed adiabatic PSR against residence time. The latter
parameter has been limited to 1 s, which is also the order of magnitude of typical SOFC reforming
applications, e.g. ([175,193]). Computations are presented for initial temperatures ranging from 650
K to the highest temperature, for each fuel, for which ignition occurs after a predefined time
interval. For the present work, this time has been set to 5 ms. For higher temperatures, the model
predicts an instantaneous ignition. Results are presented in Figure 1 for all four fuels and for a
stoichiometry of ¢ = 2.
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Figure 1. Temperature evolution as a function of time in a closed PSR for initial
temperatures from T;, = 650 K to the highest T;, where ignition occurs after 5 ms (see
text). (a) methane (b) biogas (c) methanol (d) ethanol.

As generally expected, induction time becomes shorter as the initial temperature increases.
Methane and biogas feature similar, relatively long, induction times, while both alcohols ignite
much faster. For example, at a temperature of 1000 K, methane and biogas ignite at approximately
300 ms, while ethanol ignites at less than 20 ms and methanol at less than 10 ms. These
gualitative trends are directly related to differences in fuel reactivity. The above values are also in
gualitative agreement with fundamental studies of ignition delay times in shock tubes (e.g [204-
205]). Also note that these values constitute a lower limit for the induction time since in practical
applications finite heat losses control system reactivity. However, it could be anticipated that the
above trends would also be applicable for real systems. Finally, it can be argued that, reforming
systems specifically designed for operation on relatively unreactive fuels may suffer the risk of
undesired ignition, when operated with other fuels.
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2.1.3 Detailed kinetic assessment of the reforming process

2.1.3.1 Fuel conversion and syngas formation processes

A numerical assessment of the reforming process in a single PFR for the four fuels considered
here have been performed by using the developed C;-Cs detail kinetic mechanism. Computations
were carried out under isothermal conditions for all fuel-air mixtures for temperatures of 650 to
1500 K, mixture stoichiometries of ¢ = 2—6 and for residence times up to 10 s. Typical computed H,
and CO exhaust levels at a stoichiometry value of ¢ = 2, are presented in Figures 2 and 3
respectively, for all fuels.
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Figure 2. Computed H, mole fraction profiles as a function of time in a PFR for
temperatures in the range 750 — 1500 K and for a stoichiometry of ¢ = 2. (a) methane (b)
biogas (c) methanol (d) ethanol.

Hydrogen levels increase almost monotonically as temperature and residence time increase for all
fuel mixtures. This is clearly the case for methane and biogas. For the two alcohols considered
here, hydrogen levels sharply increase for low and high temperatures, while remain essentially
constant over the intermediate temperature regime, irrespective of residence time value. Methane
reforming results in approximately 10% more H,, on a molar basis, for lower temperatures, to
almost 40%, at higher temperatures, as compared to biogas. Methanol and ethanol produce similar
amounts of hydrogen at high temperatures, with methanol producing twice as much hydrogen as
compared to ethanol at lower temperatures, due to its higher reactivity. Note that, for low to
intermediate temperatures (up to 1200 K), methanol produces generally more H, than methane,
while, methane is clearly superior at very high temperature. It is also noteworthy, that with
increasing temperature, there is not a significant increase in the H, levels for alcoholic fuels
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reforming, as it is the case for methane. This is due to the fact that high temperature conditions
accelerate the high activation energy molecular elimination reactions R93, R153 and R182, which
feed the system with reactive H radicals, that in turn attack both the remaining methane and stable
C, molecules that have been also produced by high activation energy recombination reactions.
The major H, production sequence is outlined below.

CHs+ H (+M) = CH,4 (+M)
CoHs (+M) = CoHz + H (+M)
CzHs+ H (+M) = C;Hs (+M)

CHg + CHs (+M) = CoHg (+M)
CHs+ H = CHa + H,
CoHa+ H = CoHa+ Hy
C,Hg+ H=C,Hs+ H,

(R93)3
(R153)
(R182)

(R80)

(R94)
(R163)
(R184)

In the case of alcohols, the fuel bound oxygen prevents the attainment of pyrolytic conditions, and
does not allow the above described sequence to be activated at high temperatures. Hydrogen
production path ways are similar for both low and high temperatures.
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Figure 3. Computed CO mole fraction profiles as a function of time in a PFR for
temperatures in the range 750 — 1500 K and for a stoichiometry of ¢ = 2. (a) methane (b)
biogas (c) methanol (d) ethanol.

On the other hand, CO yield (Figure 3) does not follow the same trends as compared to H,. For all
fuels examined, with the exception of biogas, CO levels appear to be independent of reforming

temperature at longer residence times.

In fact,

CO formation in alcohols is practically

instantaneous under high temperatures, and decreases as residence time becomes longer.

% Reaction numbering in the present document follows the original listing published in [199].
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Overall, it is clear that the reforming of alcohols results in significantly higher CO levels than
methane. For example, and at a temperature of 1200 K and a residence time of 1 s, exhaust CO
values for methanol and ethanol reforming are around 15%, while for the case of methane is less
than 10%. Biogas is considered to be a distinct case due to the presence of CO, in the initial fuel
composition. For this reason, CO is constantly increasing as reforming temperature and reactor
residence time increase.

Kinetic arguments can be used to scrutinize the above convoluted picture. Thus, in the case of
methane, a molecular growth path, initiated by CH; formation accounts for almost the entire CO
formation, over the whole residence time domain. In particular, initial methane fuel is consumed to
the methyl radical through mainly the H abstraction reaction R94. Subsequently, methyl radical
recombination to C,Hg (reaction R80) initiates the C, chain down to the formation of acetylene. The
latter is qualitatively consumed to HCCO which eventually decomposes to CO as it is summarized
in the sequence below.

C,H, + O,= HCCO + OH (R150)
CH,CO + H = HCCO + H, (R204)
HCCO + 0,=CO + CO + OH (R196)
CH,CO + H = CH3+ CO (R203)
HCO+M=CO+H+M (R104)

At higher temperatures, the recombination sequence is accelerated, feeding the above chain with
extra carbonaceous species, e.g.

C2H5CO = CHQCO + CH3 (R427)
C2H5CO = C2H5+ CO (R428)

As it is shown in Figure 3, methanol reforming leads to higher CO levels than in the case of
methane. This can be attributed to the initiation of a secondary reaction route, linked with the
oxygenated nature of alcoholic fuels. In particular, apart from the molecular growth sequence
initiated by CHj; radical recombination, described above, an additional chemical path, through
hydroxy-methyl (CH3;O) formation and subsequent consumption of the latter to formaldehyde and
formyl radical and eventually to CO, is being activated.

CH30OH + H = CH,OH + H, (R125)
CH,OH+M=CH,O+H+ M (R116)
CH,O + H=HCO + H, (R105)
HCO+H=CO +H, (R99)
HCO+M=CO+H+M (R104)

However, at the higher investigated temperatures, two observations can be made: there is a lack of
a molecular growth path, as in the case of methane, and at the same time, the radical pool
formation initiates CO conversion to CO,. The combination of the above two effects lead to a drop
in CO levels at longer residence times. Note that there is a striking similarity between methanol
and ethanol in terms of CO levels. However, the absence of the pronounced CO drop at longer
residence times in the case of ethanol is due to the fact that CO formation in ethanol is less
dependent on the CH,O formation path, as described above, than in methanol. Furthermore, the
molecular growth route to CO, as described for the case of methane, contributes appreciatively
due to the larger amounts of carbon contained in the ethanol molecule.
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In biogas, the same qualitative observations made for methane are still valid, the only difference
being that due to the significant CO, levels (initially present in the fuel mixture), CO is being
continuously formed, at the expense of H,. It is interesting to investigate the fate of CO at longer
residence times. Reaction path analysis reveals that CO is being formed through the reaction
CO+0OH = CO,+H (reaction R23). This reaction, under the conditions encountered in the present
work, is under partial equilibrium, and since CO, reaches significant levels, and H radical features
two orders of magnitude higher concentration than OH radical, CO formation is favoured.

The above detailed analysis offers valuable information regarding the design and optimization of a
fuel reforming process. Alcohols are more reactive than methane, resulting in an overall higher
syngas yield under most conditions of relevance. The relative unreactiveness of methane can be
explained by the fact that, the formation of a series of stable C, and C; intermediate species delays
the overall fuel conversion process, resulting to a later CO growth. Thus, in terms of syngas vyield,
the only operating conditions that methane is superior, is the high temperature and long residence
time regime. On the other hand, if shorter residence times and/or lower to intermediate
temperatures are required, then alcohols are the fuel of choice. Note that biogas can also be a
viable option since it can compensate for the low CO yield of pure methane.

Apart from H, and CO, the reforming process results in a range of other species. This is of
particular importance when integration of the components to a system level is concerned. The
species distribution across the PFR at a particular residence time would correspond to the
composition of the exhaust mixture for a reformer featuring the same residence time. Figure 4
presents species distribution, for all four fuel mixtures, at a residence time of 500 ms, for a typical
TPOXx reformer operation temperature of T = 1200 K and an initial mixture stoichiometry of ¢ = 2.
Only species with molar concentration higher than 1.0-10° are shown. Alcohol reforming results
indeed in a higher syngas vyield (H,+CO) than methane and biogas. It is also interesting to note
that, methane exists in considerable quantities, either as a non-reacted fuel (methane and biogas
cases), or as an intermediate product of the fuel conversion process (alcohols cases), whereas
methanol and ethanol are depleted in much shorter residence time. Further, methanol is
characterized by a complete absence of C, species.
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Figure 4. Computed exhaust species mole fraction profiles for a typical TPOx reformer
having a characteristic residence time of 500 ms.
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2.1.3.2 Molecular growth processes

Molecular growth processes are an inherent part of the fuel conversion process as shown above
for the case of CO formation. Such processes can be either beneficial or detrimental for the overall
reforming efficiency depending on the particular operating conditions. However, they invariably
lead to the formation of a sequence of high molecular weight species, eventually leading to PAH
(polycyclic aromatic hydrocarbon) and soot formation. Soot formation is a complicated process.
Nonetheless the soot tendency of a particular fuel can be correlated to the evolution of several
indicative species. These are benzene, a safe indicator of soot nucleation, acetylene, a marker for
soot mass growth, and higher PAH species such as pyrene ([206]).

Figure 5 presents the temporal evolution of benzene for all four fuels, at an initial mixture
stoichiometry of ¢ = 4, and in the temperature range of T = 1100 — 1500 K. The above
stoichiometry has been chosen in order to better highlight the underlying principles, since
molecular growth effects are more pronounced for richer mixtures. The most striking observation is
that methane, biogas and ethanol generally exhibit similar peak benzene levels, of the order of
1.0-10°, whereas benzene levels in methanol reforming are three orders of magnitude lower. This
is linked to benzene formation paths which, for most hydrocarbons, are initiated by recombination
reactions involving acetylene and ethylene, leading to the formation of the resonance-stabilized
propargyl (CzHs), cyclopentadienyl (CsHs) and benzyl (C;H;) radicals, and through them to
benzene. The virtual absence of benzene in methanol reforming is thus associated with the
corresponding very low levels of C, hydrocarbons, as shown in Figure 4.
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Figure 5. Computed CgHg mole fraction profiles as a function of time in a PFR for
temperatures in the range 750 — 1500 K and for a stoichiometry of ¢ = 4. (a) methane (b)
biogas (c) methanol (d) ethanol.
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In contrast to syngas formation processes, peak benzene levels are not observed at the highest
operation temperature. Instead, for most cases, benzene levels increase as a function of residence
time, reach a maximum and then decrease. The benzene peak location is shifted towards shorter
residence times, as temperature increases. For example, in the case of methane and for a
temperature of T = 1350 K, benzene reaches its peak levels after approximately 6 s, while for a
temperature of T = 1500 K peak location occurs at around 0.15 s.

For the other three remaining fuels, different characteristics in the temporal evolution of benzene
do exist. Benzene formation in biogas—air mixtures features the same qualitative behaviour as in
methane mixtures, with peak levels only marginally reduced (approximately 10%). For ethanol
mixtures, benzene is formed generally earlier than methane. For example, for a temperature of T =
1200 K and a residence time of 1 s, benzene levels in the case of ethanol are four times higher
than in the case of methane. There is also some difference in the relative formation paths.
Benzene in methane mixtures mainly comes from recombination reactions involving C; species,
namely propargyl radical recombination (CsHs+CsH3z) and propargyl radical addition to allene
(CsHsta-C3H,) leading to a series of isomerisation reactions of CgHg species, and eventually to
benzene. Of almost equal importance is the additional path outlined below, also initiated by the C;
chain, and passing through Cs and C; intermediates.

a-CsHs + CoH; = ¢-CsHe + H (R599)
C-CsHg+ H = CsHs + H; (R602)
CsHs + C,H, = C/H; (-R748)
C/H7 + H = C7Hg (R751)
CsHg + H = CgHs + CH3 (R736)

The above sequence accounts also for more than 60% of the benzene formation rate in the case of
ethanol, while the remaining coming via recombination of C, species through the sequence:

C2H3 + C2H2: C4H4+ H (R467)
C4H4 + C2H3 = C6H6 +H (R655)

The above discussion can be linked to the quantitative differences related to syngas and benzene
formation in methane and ethanol reforming. In the case of methane, benzene formation precedes
syngas formation. This is due to the pyrolytic nature of rich methane reforming and is even more
pronounced at higher temperatures, where the prominent role of the recombination reactions
promote the formation of higher order species, not only enhancing benzene, but also late CO (e.g.
R427 and R428) and H, (via abstraction channels, e.g. R163 and R184) formation, as described in
some detail in the previous section. Ethanol reforming is more oxidative in nature, characterized by
an early shedding of CO (and H,) molecules and a delay of recombination reactions.

The effect of mixture stoichiometry on reformate composition has also been numerically
investigated. Figures 6 and 7 illustrate the variation in hydrogen and carbon monoxide levels
respectively, for rich (¢ = 2—6) methane—air, biogas-air, methanol-air and ethanol-air and mixtures,
under high temperature (T = 1200 K) conditions. In general, syngas yield is roughly proportional to
mixture stoichiometry for all fuels, and especially for the case of methanol. Hydrogen yield appears
to be insensitive to stoichiometry values under very rich conditions (¢ = 4 and ¢ = 6) for methane
based fuels. However, for the methane and biogas cases, what is earned for richer mixtures in
terms of syngas from the H, increase, is compensated by the slight drop in CO levels. Note that for
residence times longer than 1 s, all H, and CO profiles reach a plateau. This is more pronounced
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Figure 6. Computed H, mole fraction profiles as a function of time in a PFR for
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for the case of ethanol, where, under the conditions encountered presently (T = 1200 K), both
species are very sharply formed early in the process and reach nearly constant values.
Stoichiometry also has an effect on benzene concentration as shown in Figure 8. There is a
gualitative difference between methane and biogas on one hand and ethanol on the other. For the
ethanol case, there is constant increase in benzene levels as stoichiometry increases whereas, for
methane and biogas, no further increase is observed for stoichiometry higher than ¢ = 4. The latter
variation is reminiscent of a similar variation in syngas yield.
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Figure 8. Computed CgHg mole fraction profiles as a function of time in a PFR for
temperatures of 900 K and 1200 K and for a stoichiometry range of ¢ = 2 — 6. (a) methane
(b) biogas (c) methanol (d) ethanol.

2.1.3.3 Efficiency

The above discussion has provided a detailed picture of the fuel conversion, syngas formation and
molecular growth processes for the reforming of four commonly used fuels. However, absolute
yield values can only provide information about the chemical activity of a particular fuel, and cannot
be used to compare fuels having different energy content. An appropriate expression for reformer
efficiency, taking into account the energy content of each fuel, has been defined as:

LHVy, .y, + LHV;o.1ico
LHVfuel- mfuel

Nref = (1)
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where LHV; and m; are the lower heating value (expressed in MJ/kg) and the mass flow rate (kg/s)
of species i respectively. Typical results for all fuel mixtures, under rich ¢ = 2 and ¢ = 4 conditions
and for temperatures of 900 K and 1200 K are shown in Figure 9.

Generally, methane and biogas exhibit very similar behaviour whereas methanol and ethanol do
have some marked differences among each other but also as compared to methane and biogas.
For the low temperature cases, the efficiency of both alcohols increases sharply before reaching a
plateau. On the other hand, due to their relative reduced reactivity, methane and biogas delay to
attain constant efficiency levels. For example, after a period of 3 s, for the T = 900 K and ¢ = 2
case, methane and biogas feature only about 80% of their maximum efficiency value, while both
alcohols have already reached their peak efficiency. This results in efficiency values, at that
particular residence time, of ca. 45% for methane and of about 55% for the methanol case. Moving
to higher temperatures, the most striking observation is the extremely high efficiencies in the cases
of methane and biogas, which reach values of the order of 95%. This is due to relative sharp
increase in reactivity exhibited by methane, as a function of temperature. On the other hand,
increasing the temperature does not result in any appreciable change in the plateau values of
ethanol and methanol efficiencies. The only effect is the almost instantaneous attainment of the
above values and the rapid expulsion of CO in very short residence times, as explained in the
previous section. Stoichiometry effects are more pronounced in the case of methane and biogas.
For example, at a residence time of 5 s, a doubling in stoichiometry halves efficiency. This is
attributed to the strong coupling between syngas production and molecular growth processes. On
the other hand, for the same stoichiometry change, methanol efficiency increases form 65% to
80%. This is due to the fact that syngas production and molecular growth processes are
completely decoupled.
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Figure 9. Computed efficiencies as a function of time in a PFR for temperatures of 900 K
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It is interesting to note that, for the temperature and stoichiometry range considered in the present
study, efficiency values are significantly removed from their thermodynamic equilibrium values for
all four fuels, see Table 2. The thermodynamic efficiency of each fuel is mainly independent of the
operating temperature value, while this is not the case for the kinetically determined efficiency. On
the other hand, as already discussed for the kinetically determined efficiency, the stoichiometry
value has a strong influence on the thermodynamic efficiency for all four fuels considered.
Generally, biogas and methanol have a somewhat higher thermodynamic efficiency than methane
and ethanol respectively, for all cases considered. In particular, biogas appear to feature a greater
than one thermodynamic efficiency value for the richer and higher temperature case, but this is due
to the reforming efficiency definition. Finally note that the difference between the thermodynamic
and kinetically determined efficiency values is more pronounced in short residence times.

Table 2. Equilibrium reforming efficiency values for the cases considered in Figure 9.

Stoichiometry Temperature (K) Methane Biogas Methanol Ethanol
B 900 0.669 0.697 0.641 0.622
$=2 1200 0.668 0.699 0.641 0.621
B 900 0.934 0.973 0.937 0.907
$=4 1200 0.977 1.015 0.940 0.909

The obtained results have direct and significant implications for the practical operation of TPOx
reformers and highlight the necessity of a detailed kinetic approach for the accurate quantification
of reformer performance addressing issues of syngas yield (related to the stack efficiency of the
fuel cell), thermal efficiency (related to fuel conversion and energetic output and having direct
implications for fuel interchange-ability) and molecular growth processes (related to the formation
and deposition of unwanted carbonaceous species and pollutants across the system). The results
can serve to provide design guidelines towards identification of optimum operating conditions for a
particular application and fuel.

A closer inspection of the results presented in Figures 6-9, identifies two major regimes of desired
operation. The first is defined by reformer operation at very short residence times, generally of the
order of some milliseconds and intermediate temperatures. This is relevant to fuels that are
characterized by a decoupling between syngas and molecular growth processes. On the other
extreme, fuels involving a more convoluted coupling between the two processes will require
reforming over long residence times and high temperatures. In the context of the present study, the
first case relates to alcohols which exhibit an oxidative mode of fuel conversion featuring early
syngas yield and a delayed molecular growth. The second regime is relevant to the reforming of
methane mixtures, exhibiting a pyrolytic mode of fuel conversion. Although all the above remarks
are generally valid, each fuel is a distinct case, and a detailed kinetic analysis would reveal
features that may appear to be counterintuitive. This is the case with methanol, which shows an
exceptionally high efficiency for very rich conditions, in contrast to all other fuels. This, in turn, is
due to complete absence of molecular growth processes in methanol reforming, at least for the
conditions of the present work. Another interesting feature is the enhanced efficiency of biogas
mixtures, as compared to methane, due to the chemical effect of the CO, presence in the fuel
mixture. Additionally, useful conclusions can be drawn regarding the choice of reforming
stoichiometry. For most fuels and cases studied here, there appears to be an optimum
stoichiometry, beyond which the penalty paid for increased pollutant formation is not compensated
by significant gains in syngas yield.
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2.2 Non-catalytic biogas pyrolysis

There are numerous studies on practical TPOx reformers and related SOFC systems operating
with methane (or natural gas) mixtures available in the literature e.g. [207]. However, non-catalytic
biogas thermal partial oxidation for SOFC applications has not yet been reported in the open
literature. It is well known that hydrogen production is enhanced under fuel rich conditions and it is
anticipated that it could be maximized under pyrolytic conditions. In the latter case, however, soot
and non-gaseous carbonaceous products may be maximized as well. Naturally, pyrolysis studies
can in principle provide great insight in the thermal partial oxidation reforming since it can be
considered as the TPOx extreme regime.

In the present study, the pyrolysis of atmospheric pressure methane mixtures has been
experimentally investigated in an isothermal plug flow reactor (PFR) in the temperature range of
1000-1200 °C under well controlled conditions. The isothermal PFR has been extensively used in
the past for the pyrolysis studies of hydrocarbon fuels, such as acetylene [208], ethanol [209] and
acetylene/ethanol mixtures [210-211], where a detailed description of the experimental setup is
provided. Different methane mixtures, representative of natural gas and biogas operation, were
experimentally studied in pure nitrogen and mixed N,/CO, atmospheres (see Table 3). Exhaust
gases, including methane, hydrogen, carbon monoxide and key pollutants, from the PFR were
monitored and quantitatively analysed online, using a gas chromatographic (GC) system. Total
soot was determined by collecting and weighing soot samples from the reactor’s exit as well as
from deposits along the reactor for each case. In addition, Polycyclic Aromatic Hydrocarbons
(PAH), also collected along the reactor and at the reactor exit, were measured using a coupled gas
chromatographic and molecular spectrometric system (GC-MS), at selected temperatures. Further
computations have been performed in order to numerically assess the effects of CO, loading on
syngas production efficiency from methane pyrolysis.

Table 3. Initial species mole fractions for the experiments of Cases A-C.
Gas residence time t,.5(s) = 4550/T(K) Experiments reported in [196].

CH, (%)  CoHs (%)  CO2 (%) N2 (%)

The importance of studying a methane/CO, mixture lies in two reasons. First, such a mixture can
be typically encountered in SOFC applications utilizing the outcome of a biomass gasification
processes. Additionally, the effect of CO, addition to methane mixtures is of particular importance
since it is related to the increasing interest of incorporating biogas mixtures in practical applications
e.g. [217]. From a chemical kinetic point of view, an investigation on the role of CO, as a diluent
(as compared to N,) or as an oxidant can be realized, both in terms of syngas yield and reforming
efficiency. Literature data relating to the effect of CO, dilution of methane mixtures on soot
formation are generally scarce. On the other hand there are several experimental e.g. [220] and
numerical e.g. [221] studies of the effect of CO, addition on soot formation in flames. The effect of
CO; addition on combustion performance and soot formation has mainly studied in flames.
Additionally, the results of such an investigation can also be utilized for evaluating the performance
and optimization of emissions in e.g. devices incorporating exhaust gas recirculation (EGR)
strategies [217-219].
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First, results for fuel conversion and major products are presented in section 2.2.1. Experimental
data for key intermediate species participating into the molecular growth processes, and
eventually, soot formation, are presented in section 2.2.2. Finally, in section 2.2.3 the effect of CO,
loading on syngas production efficiency from methane pyrolysis is parametrically investigated by
numerical means.

2.2.1 Fuel conversion and syngas production

Figure 10a and 10b present fuel conversion and hydrogen production data at the reactor exit for
the pyrolysis of pure methane (Case A, see Table 3) and of a methane/ethane mixture (Case C),
respectively. Results for methane pyrolysis in the presence of CO,, Case B, are shown in Fig. 11.
Numerical simulations using the detailed kinetic mechanism decribed in reference [199] are also
presented for all cases.

Generally, the results confirm the enhanced reactivity of the methane/ethane mixture as compared
to pure methane, which is also in agreement with earlier studies e.g. [214-215]. For example,
methane conversion in Case A is of the order of 25% at a temperature of 1323 K, while total initial
carbon (CH4 and C,Hg) conversion reaches almost 50%, at the same temperature, in Case C. This
is due to the fact that, at such temperatures, the relatively more unstable ethane molecule
decomposes to the ethyl and hydrogen radicals, reaction R181. The hydrogen radical
subsequently feeds into reaction R94 and accelerates methane conversion [214]. At higher
temperatures, reaction R181 becomes significantly slower than the ethane thermal decomposition
reaction R80 and, as a result, hydrogen radical production diminishes.

CoHs (+M) = CHs + H (+M) (R181)
CHs + CH3 (+M) = C,Hg (+M) (R80)
CHs + H (+M) = CH,4 (+M) (R93)
CH; + H=CHs + H, (R94)

On the other hand, the addition of carbon dioxide has no discernible effect on methane conversion
at low temperatures. As the temperature is increased, hydrogen radicals produced from methane
pyrolysis reaction R93 favour the CO,+H = CO+OH reaction leading to enhanced OH radical
formation rate. The latter initiates H radical abstraction reactions from methane, thus enhancing its
conversion.

Despite the differences in the respective fuel consumption rates, hydrogen vyield is of the same
level in both Cases A and C, as shown in Figure 10. On the other hand, H, production is greatly
diminished when CO, is added; for example, at a temperature of 1473 K, experimentally
determined molar H, exhaust levels in Case B are less than 8%, less than half of the H, yield in
Cases A and C (about 18%). However, total syngas (H, and CO) yield is retained in terms of
volume fraction but not in terms of energy content, due to the lower heat of formation of CO. This
can have a direct effect on the reforming efficiency, as it will be further analyzed below.
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Figure 10. Comparison between experimental data and numerical simulations for methane
conversion and hydrogen yield in (a) pure methane pyrolysis (Case A) and (b)
methane/ethane pyrolysis (Case C).
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Figure 11. Comparison between experimental data and numerical simulation for (a)
methane conversion and hydrogen yield and (b) CO and CO;, exhaust levels in methane
pyrolysis in the presence of CO, (Case B).

Overall, numerical predictions for major species lie within reasonable agreement with the
experimental data for all cases. The mechanism is shown to be able to reproduce methane
conversion and H,/CO production trends along the temperature range studied, with hydrogen
levels being a notable exception, particularly under high temperatures (T > 1400 K), mainly in
Cases A and C. The reason for this discrepancy is discussed below.

Rate-of-production analysis has been performed in order to investigate the chemical processes
occurring during methane and the methane/ethane mixture pyrolysis. Computations for all path
analyses have been performed at the location of 50% fuel consumption inside the reactor. In all
cases studied, the overall reaction starts with methane thermal decomposition to produce methyl
and hydrogen radicals, through the unimolecular reaction R93. Subsequent H radical attack on
methane (reaction R94), provides the system with more CH.

CHs+ H (+M) = CH4 (+M) (R93)
CH;+ H=CHs+ H, (R94)

This is essentially a chain initiating sequence leading to the net generation of a methyl radical for
each methane molecule consumed. The above sequence also contributes almost 50% of the total
molecular hydrogen in Case A. Methyl radical is then exclusively consumed to C,Hs, via the self-
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recombination reaction R80, initiating the C, chain. Hydrogen radicals act as chain carriers to a
sequence of H abstraction reactions leading from ethane down to acetylene and shedding H,
molecules along the way.

CH3 + CH3 (+M) = C,Hg (+M) (R80)
CoHe+ H = CoHs + H; (R184)
C,oHs (+M) = CoH4 + H (+M) (R182)
C,H,+H = CHz + H, (R163)
C.H3 (+M) = C,H, + H (+M) (R153)

It is interesting to note that the above sequence is not a radical chain sequence since H radicals
formed by reactions R182 and R153 are consumed at equal rates by reactions R184 and R163.
The above described paths (reactions R94, R184, R163) account for the H, production. However,
the mechanism tends to under-predict hydrogen mole fractions at higher temperatures (T > 1350
K) and in particular in Cases A and C, with discrepancies of the order of 30%. Such discrepancies
cannot easily be attributed to deficiencies of the two major H, production paths described above
(reactions R184, R163). The reason is that methane consumption profile and total C, levels,
particularly in higher temperatures, are adequately captured. This implies that, there may be
additional hydrogen production paths, such as thermal cracking reactions, possibly involving higher
aliphatic, e.g. C4, or (poly-) aromatic species. However, analysis of trial computations including
some molecular elimination reactions, such as reaction R.I*, reveals that there is not any
appreciable contribution to H, formation due to R.l. Also note that molecular hydrogen is
“‘numerically” locked in higher PAH species, since the current version of the NTUA.HMCS
mechanism does not include any soot reactions.

C2H4 + M= C2H2 + H2 +M (RI)

On the other hand, hydrogen levels are satisfactorily reproduced in Case B. This is due to the CO,
presence which induces an oxidative character into the pyrolytic process, resulting into a more
balanced chemistry. For instance, and at a the case of 1473 K, in addition to reaction R94 and the
C, chain paths discussed above, there is a substantial contribution to H, formation from reactions
involving oxygenated species, such as formaldehyde, ketene and propionaldehyde.

As far as Case B is concerned, the picture is not totally different from the one described above.
However, the H radical also initially produced by the thermal decomposition of methane, reaction
R93, promptly attacks CO, molecules producing CO and a hydroxyl radical, reaction R23. Thus, in
the presence of CO, abstraction reactions with OH constitute a considerable fraction of the total
fuel abstraction reactions and lead to water formation, competing thus to H, production. As a
result, hydrogen vyield in Case B is almost half as compared to Cases A and C, The above
discussion suggests that CO, act as an oxidizer and not as a mere diluent, like N,. The issue is
further numerically explored in section 2.2.3.

CO + OH = CO, + H (R23)

In the experimental data set of [196], the production of a significant amount of water was found,
which is in agreement with the findings of Abian et al. [216]. Figure 12 presents estimated water

* Reaction R.| rate constant: ks ry = 3.5 % 10 x exp(—35984/T) with enhanced collision coefficients: N,:1.5
and H,0:10.
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levels at the reactor exit. These estimated values were obtained through balancing the H atom
content in the inlet mixture, with the total H atom content in the gaseous (C;-C-) species quantified
at the reactors exit. The difference is roughly proportional to the water levels, since contributions
from hydrogen contained in PAH species can be assumed to be minor. Estimated water values
presented in Figure 12 are thus an upper threshold and carry an uncertainty level of 25%.
Computations are also presented in Figure 12. The mechanism qualitatively captures the trend in
water formation, with also satisfactory agreement in peak values. A closer examination of the
numerical and estimated H,O results, reveals that there are essentially two distinct regions; a
sharp increase in exhaust water levels followed by a plateau. The transition point occurs at around
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Figure 12. Comparison between estimated water levels against numerical predictions at
the reactor.

1450 K. In order to explain such a behavior, rate-of-production analyses have been performed at
1325 K and 1475 K, the former being chosen as the starting point of the sharp increase while the
latter is located well within the plateau. Under lower temperatures, water is still being formed by
OH radical attack to the fuel, reaction R96, with a minor (up to 20%) contribution from reaction R3.
At higher temperatures, water achieves steady state behavior; it is now formed through reaction R3
and destroyed mainly via addition reactions with C, (mainly acetylene) and C; (mainly propargyl
radical) hydrocarbons leading to the formation of C, and C; oxygenated species.

CH4 + OH = CH3 + HQO (R96)
OH + H, = H,0 + H (R3)

Changes in water behavior are directly related to a more subtle alteration in the overall system
behavior, from a purely kinetically controlled to a partially equilibrated regime. This is clearly
illustrated in Figure 13, which presents the values of the reaction species quotient of the water-gas-
shift reaction calculated by using computational species profiles and compared with the equilibrium
constant proposed by Moe [222], as commonly used [216, 223]. Clearly, above 1450 K, the water-
gas-shift reaction quotient, although close, is markedly distinct from the thermodynamic
equilibrium.
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Figure 13. Reaction quotient and equilibrium constant for the water-gas-shift reaction.

2.2.2 Molecular growth processes and soot precursors chemistry

Soot formation tendency is closely linked to the chemistry of several key soot precursors.
Acetylene and benzene, in particular, are closely linked both to PAH formation and soot mass
growth processes. Acetylene is an indicative species for soot mass growth process while benzene
largely determines soot nucleation. Accordingly, a quantification of the acetylene and benzene
formation dynamics is expected to provide valuable information on carbonaceous formation and
deposition processes.

Experimental and predicted data for C,Hgs, C,H,4, C,H,, CsHg and a-CsH, (allene) are shown in
Figures 14-18, respectively. The initiation of the C, chain, starting from C,Hg formation and finally
leading to acetylene formation, has been described above (sequence of reactions R184-R182-
R163-R153), and found to be directly linked to the fuel consumption chemistry. Overall, the
agreement is satisfactory, although there is room for improvement.
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Figure 14. Comparison between experimental data (symbols) and numerical simulation
(lines) for C,Hg exhaust levels in (a) Case A, (b) Case B and (c) Case C.

The mechanism over-estimates C,Hg levels under lower temperatures, for Cases A and B, by a
factor of 5 (Figure 14). Since C,He comes exclusively from methyl radical recombination, and the
latter in the low temperature regime is determined by the rate of reaction R93, it is reasonable to
argue that the rate constant of the latter reaction is inappropriate. Reaction R93 is pressure
dependent, with a temperature independent high pressure limit, and an enhanced collision
efficiency for ethane of 5 for the low pressure limit [224]. Thus, the above reaction is catalyzed
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under the studied conditions by the high C,H¢ levels in the system, resulting in such an over-
prediction. This further indicates that the rate is not appropriate for such pyrolytic conditions. At
higher temperatures reaction -R93 becomes irrelevant for CHs; production, since abstraction
reaction R94 dominates, and the level of agreement between experimental and predicted data
improves. Finally, for Case B, the sudden drop in C,He profiles for temperatures above 1373 K, is
corroborated by the lack of detection in the same range implying that ethane levels are below TCD
(Thermal Conductivity Detector) detection limit under the present conditions. Further downstream
the C, chain, ethylene levels are in general satisfactorily described, Figure 15.
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Figure 15. Comparison between experimental data (symbols) and numerical simulation
(lines) for C,H,4 exhaust levels in (a) Case A, (b) Case B and (c) Case C.

Acetylene levels are generally well reproduced, see Figure 16. Peak acetylene levels for all three
cases, and within the studied temperature range, are similar, with values of around 2000 ppm. The
acetylene formed, is quantitatively consumed to CsH; species which, in turn, initiate further
molecular growth reactions. In particular, the C; chain is initiated by CH; radical addition to
acetylene, reactions R321 and -R322, leading to allene and propyne respectively.

C2H2 + CH3 - a'C3H4 +H (R321)
C2H2 + CH3 - p'C3H4 +H ('R322)

CsH, species are exclusively consumed to the propargyl radical, which, in turn, recombines to form
benzene. Propene (Figure 17) is also formed by CHj; addition to C,H, either directly, reaction -
R382, or indirectly, through the n-propyl radical, reaction R401, and subsequently goes down the
C; chain, as described above.

C3H6 +H= CzH4 + CH3 (R382)
n'C3H7 = C2H4 + CH3 (R40l)

Further upstream in the C; chain, C;Hg levels are over-predicted by a factor of two, see Figure 17.
Since propene formation is solely due to the methyl vinyl radical recombination, the above over-
prediction can be attributed to the overall CHs; over-prediction, as discussed earlier. Exhaust
benzene levels as a function of temperature are shown in Figure 19. Experimental data appear to
be insensitive to temperature, while numerical results show distinct peaks at intermediate
temperatures. Generally, the simulated pyrolysis of the methane/ethane mixture (Case C) appears
to result in significantly higher benzene levels, particularly at lower temperatures and as compared
to the pure methane pyrolysis case (Case A). Since numerical results are generally higher than
experimental data, the discrepancies found are attributed to the fact that the formation of soot is
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not included in the models and this suggests the need for further improvement in the current
models [211] in order to reproduce the complex behavior of soot formation.
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Figure 16. Comparison between experimental data (symbols) and numerical simulation
(lines) for C,H, exhaust levels in (a) Case A, (b) Case B and (c) Case C.
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(lines) for C3He exhaust levels in (a) Case A, (b) Case B and (c) Case C.
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Figure 19. Comparison between experimental data (symbols) and numerical simulation
(lines) for CgHg exhaust levels in (a) Case A, (b) Case B and (c) Case C.

2.2.3 CO, content on syngas produciton - numerical parametric study

In order to further investigate the effect of CO, in syngas yield as well as the role of CO, as a
diluent or oxidizer a parametric study was conducted. The computations were performed for 10%
methane and 90% diluent, corresponding to the previously described conditions, as far as PFR
geometry and flow rate are concerned. The first case corresponds to pure nitrogen diluent (Case
A) and the last to pure CO, diluent, resembling dry reforming for SOFC applications. Naturally, the
intermediate cases correspond to varying N./CO, ratios, including Case B which was also
experimentally described earlier in the present work. The studied mixtures are listed in Table 4.

Table 4. Initial species mole fractions for the CO, dilution parametric study.

Mixture CH, (%) N2 (%) CO; (%) Comments
I 10 90 - Case A
Il 10 80 10
1] 10 57 33 Case B
v 10 30 60
V 10 - 90

Figure 20a demonstrates the effect of the CO, content in the mixture on the syngas yield. It can be
seen that the presence of 10% CO, does not significantly affect syngas yield whereas, hydrogen
production is significantly depressed with increasing CO, content in the mixture, in agreement with
the experimental data. Naturally, when the CO, becomes the dominant diluent in the mixture, CO
increases dramatically. In addition, Figure 20b presents the difference in mixture reactivity through
monitoring the fuel consumption. It is clear that the CO, presence acts in favor of faster fuel
conversion in lower temperatures (1050-1100 °C), whereas the fuel is totally consumed when
higher temperatures (1200 °C) are reached, in all cases. Nevertheless, it can be anticipated that
even with higher amounts of CO, in the initial mixture, the syngas yield in higher temperatures is
satisfactory and resemble SOFC operating conditions with biogas. For assessing the effect of the
mixture conversion upon the final energy content the reforming efficiency was computed according
to expression (1). The results of the later computations are presented in Figure 21. It is clear that
since the diluent contributes on the energy content of the final products, the total yield reaches
unrealistic values and this remains an issue for adopting a more appropriate formula. However, the
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results suggest that a small addition (e.g. 10%) of CO, diluent affects dramatically the syngas
energy content, whereas higher amounts of CO, diluent do not come with the same impact.
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Figure 20. Exhaust syngas yield (a) and fuel consumption (b) as a function of CO;, dilution
and reactor temperature.
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Figure 21. Overall syngas efficiency for parametric computations I-V.

2.3 Summary of biogas non-catalytic reforming strategies

Non-catalytic reforming strategies of biogas such as TPOx reforming appear to be advantageous
due to their fuel flexibility, absence of catalyst deactivation issues and the low fuel cleaning
requirements. However thermal POx reforming requires higher operation temperatures than
catalytic POx reforming which imply a higher energy cost. Moreover, as stated before, the high
temperature values along the manifolds can lead to kinetically controlled undesirable effects
decreasing the overall system efficiency.
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3. Catalytic reforming strategies of biogas

This section reviews four catalytic reforming strategies commonly applied for hydrocarbon fuels:
dry reforming, steam reforming, partial oxidation and autothermal reforming. Since catalytic partial
oxidation is the strategy that is employed for fuel reforming in the FC-District micro-CHP unit more
emphasis will be given to this technology. Thus, Section 3.1 is dedicated exclusively to catalytic
partial oxidation while the three remaining strategies are presented in section 3.2. The review for
each strategy starts by providing an in-depth insight for methane as the fuel and further extended
to biogas in an extensive literature review.

3.1 Catalytic partial oxidation

3.1.1 Methane catalytic partial oxidation

The first papers dealing with catalytic partial oxidation (CPOX) of methane are dated of late 1920’s
to 1940’s [64-66]. However, at the time the methane reforming with sub stoichiometric amounts of
oxygen in the presence of a catalyst revealed some disappointing features such as the strong
tendency to coke deposition on Ni catalysts, which was not studied in detail, and the huge inlet
feed temperature required to achieve high syngas selectivity. This poor knowledge combined with
the success of steam reforming was responsible for the decaying attention for decades on this
process [67]. Catalytic partial oxidation has received an increasing attention from the beginning of
the 1990’s after Schmidt and co-workers reported excellent fuel conversion and synthesis gas
selectivity under autothermal and short contact time conditions using Rh and Pt noble metals over
monoliths [68-69].

This process has several advantages over other well established technologies to produce
synthesis gas like high energy demanding steam reforming technology. Globally, the catalytic
partial oxidation of methane is mildly exothermic (AHg = —36 kj/mol), it has H,/CO ratio of 2 and it
is described by reaction R1.

1 o
R1 CH, +50, > CO + 2H, AHjy, = —36 kJ/mol

The H,/CO ratio achieved through methane CPOx reaction is acceptable for downstream
applications, such as the methanol synthesis and the Fischer-Tropsch synthesis of liquid fuels
[67,70]. Due to its global exothermicity this reaction can be performed in an autothermal regime
(adiabatic conditions) and then this technology is more economical than steam reforming requiring
much simpler and compact equipment, with a low thermal inertia allowing a fast dynamic response
to transients [71]. As the reaction proceeds at low residence times (0.1-10 ms) high throughputs
are expected with CPOx technology [68]. For these reasons CPOx reforming is a suitable
candidate for mobile or stationary decentralized applications.

Since natural gas has a high dissemination in the industrialized countries, catalytic partial oxidation
offers a promising route to produce H, rich mixtures for domestic appliances, namely fuel cells for
electrical generation purposes at residential level. A direct combination between a CPOXx reactor
and a fuel cell stack without intermediate H,-enrichment and CO mitigation reactions can be
implemented being in this case the SOFC the most appropriate fuel cell type due to its relative
insensitivity to CO in the inlet feed mixture. Heat generation from thermal recovery of fuel cell
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anode off-gas is also an opportunity to increase even more the overall efficiency of the primary
energy utilization into final energy. Indeed, combined decentralized production of heat and power
can reduce the energy distribution losses [83].

3.1.1.1 Catalysts

There are three main catalyst groups that have been proposed as active for methane CPOx
namely supported first-row transition metal catalysts (Ni, Co and Fe), supported noble metal
catalysts (Ru, Rh, Pd, Pt and Ir) and transition metal carbide catalysts [67]. The last catalyst group
has received less attention in the literature which may reflect their lower performance for methane
CPOX. In the following a brief literature survey on the topic of supported Ni, Co and Fe catalysts (a)
and supported noble metal catalysts (b) is presented.

(a) Supported Ni, Co or Fe catalysts

It is generally acknowledged the following order of catalyst activity towards methane CPOXx: Ni >>
Co > Fe [67]. Co and Fe have much lower performance for CPOx of methane compared with Ni
because CoO and Fe203 have higher activity for total oxidation of methane.

Lunsford studied supported Ni catalysts for CPOX of methane in the temperature range 450-900
°C. At about 700 °C complete methane conversion with about 95% of selectivity to CO and H,
could be achieved. They also found that three regions exist in the catalyst bed with different states
of the catalyst, NiAl,O4, NiO/Al,O3; and supported nickel metal particles [121].

Ni- and Co-based catalysts have been widely explored but their propensity for coking and metal
loss at high temperatures and flow rates has been revealed a major disadvantage [67,111]. To
decrease the tendency for carbon lay down during methane CPOx it was proposed the addition of
a second or third metal (mostly precious metals) [112-114], addition of rare earth metal oxides
[115] and addition of basic metal oxides [114-115]. The beneficial effect of adding earth metal or
alkaline metal oxides is attributed to the capability for oxygen storage of these metal oxides, which
help by oxidizing the surface carbon deposited [122]. The catalyst preparation method [116] and
the supports applied have also an important role on the catalyst stability since it is broadly
recognized that high active phase dispersion with small metal ensembles contribute to a lower
carbon deposition [20,118].

(b) Supported noble metal catalysts

On the other hand noble metal catalysts exhibit a lower propensity for carbon deposition. Claridge
et al. [117] found the relative order for carbon deposition:

Ni > Pd >> Rh, Ru, Ir, Pt (1 atm; 1050 K; CH,/CO,=2; 8 mL/min; 24 h)
Besides the low susceptibility to deactivate by fouling, noble metal catalysts are highly active for
the methane CPOXx reaction. Recently, based on methane conversion values Nematollahi et al.
[119] showed the following relative order of catalyst activity for methane CPOX:

Rh, Ru > Ir > Pt > Pd (1 atm, 500-700 °C, CH,/CO,=2, GHSV=160000 mL/(h gca))

In fact, noble metal catalysts have attracted great attention and have been widely studied in the
last three decades. Schmidt [69, 123-124] and Poirier [125] studied CPOx of methane over Rh
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catalysts and Pt-Pd catalysts at extremely high flow rates, respectively. It was reported that these
noble metal catalysts, even with very low metal loadings, were much more active than Ni catalysts.
It was shown by Green [82,126] that high yields of synthesis gas can be obtained over nearly all
noble metals. Preparation method and support properties also influence the catalytic performance
of noble metal catalysts. The effect of the support on the performance of Rh based catalysts in the
partial oxidation of methane to synthesis gas was investigated by Ruckenstein [127]. It was
concluded that in general noble metal catalysts supported on reducible oxides (e.g., CeO,, Nb,Os,
Ta,0s, TiO, and ZrO,) are much less active and selective to CO and H, than noble metal catalysts
supported on irreducible oxides (e.g., y-Al,O3, La,0s, MgO, SiO, and Y,03). Among the irreducible
oxide supports, y-Al,O3;, La,O; and MgO supported Rh,O; catalysts provided stable catalytic
performance [139-140]. This high stability was attributed to formation of MgRh,O, due to the strong
interaction between Rh and MgO. Guerrero-Ruiz [128] studied CPOx of methane and CO,
reforming of methane over Ru/Al,O; and Ru/SiO, using isotopic tracing technique. It was reported
that the support was also involved in reactions, somewhat modifying the catalytic behaviour. To
realize CPOx of methane over noble metal catalysts at extremely short contact time (in the order of
milliseconds), monolith-supported noble metal catalysts have been also studied [129]. At a contact
time of 10-3 second, more than 90% of methane and complete oxygen (CH,/0,=2:1) can be
converted over Rh-coated ceramic monoliths to synthesis gas with a selectivity of 90%.

3.1.1.2 Reaction mechanisms for methane CPOx over metal catalysts

Two different mechanisms have been proposed for CPOx of methane over metallic catalysts. One
is socalled “two-step reaction mechanism”, which is mainly proposed for CPOx of methane over
non noble metal catalysts, e.g. Ni, Co and CPOx of methane over noble catalysts (Pt and Rh) at
relatively low temperatures (<800 °C). The other is “direct partial oxidation mechanism”, which is
mainly proposed for CPOx of methane over noble catalysts e.g. Pt and Rh, especially at very high
temperatures (>1000°C) and with an extremely short contact time (in the order of milliseconds).

(a) Two-step reaction mechanism

Ashcroft and co-workers [18,82,141-143] reported that synthesis gas can only be produced when
part of the metal oxide catalyst is reduced to metal, although methane can be oxidized over metal
oxides. They also studied the effect of contact time, and found that with a decrease in contact time
the conversion and selectivity decrease. Therefore, they suggested that the reaction pathway may
involve initial deep oxidation of some CH, to CO, and H,0O, followed by a sequence of steam - and
CO; - reforming of unconverted CH, to synthesis gas and reverse water-gas shift reactions to give
equilibrium product yields. By carefully measuring the temperature gradients in Ni-based catalyst
bed, Vermeiren [130] observed pronounced exothermic reactions near the inlet of the catalyst bed
and endothermic reactions in the latter half of the bed. Their results further confirmed that CPOXx of
methane proceeds via a sequential reaction mechanism.

(b) Direct partial oxidation mechanism

In contrast to previous proposal of the generation of synthesis gas via a sequence of total oxidation
followed by reforming, Schmidt [123] demonstrated that both H, and CO are primary products of
the direct oxidation of methane at high temperatures and an extremely short contact time (in the
order of milliseconds). The direct partial oxidation mechanism is illustrated in Figure 22. It was
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suggested that the mechanism involved direct formation of H, initiated by CH, pyrolysis on the
surface of noble catalysts to give surface C and H species.

The H adatoms dimerize and desorb as H,, while the surface C atoms react with adsorbed O
atoms and desorb as CO.

. at ; " 5
"5’5‘3!‘:?;;»,:1 =) &ﬁw»“'

Figure 22. Schematic mechanism of direct partial oxidation of methane to synthesis gas
[138].

They also modeled CH, oxidation in a plug flow reactor using the CH, pyrolysis mechanism [124].
Their model agreed well with the experiments, confirming that direct oxidation was the mechanism
for oxidation over Rh coated monolith catalyst. However, it still cannot be completely excluded that
both deep oxidation and consecutive reforming reactions occur, because both reaction zones could
be too close to be distinguishable under the extreme conditions (very high temperatures and very
short contact time).

3.1.1.3 Problems with metal catalysts

CPOx of methane is normally carried out at high reaction temperatures to reach high methane
conversion and high selectivity to CO and H,. Moreover, according to the “two-step reaction
mechanism” [82], CPOx of methane over metal catalysts proceeds via deep oxidation followed by
steam and CO, reforming as consecutive reactions. High exothermicity of the deep oxidation
results in temperatures in the catalyst bed amounting to more than 1000 °C at the top of the
catalyst bed. In the second part of the reactor bed the endothermic reforming reactions lead to
lower temperatures. Over noble metal catalysts, e.g. Rh, synthesis gas seems to be produced by
directly partial oxidation of CH, at very high temperature (>1000 °C) and with a very short contact
time [123]. However, the catalyst still suffers from extremely high temperatures, although this
provides an elegant solution to the temperature gradients over the reactor. The volatility of support
materials or that of the active catalytic components is usually not considered as a problem.
However, in the case of catalytic oxidation at these high temperatures volatilization of the active
phase must be considered as an important factor for deactivation of the catalyst. Significant loss of
Pt via formation of volatile oxides is observed at 1000 °C in the presence of oxygen. Hermans
[131] studied platinum volatilization from supported Pt catalysts at temperatures above 600 °C. It
was found that PtO; is the most dominant volatile species and high dispersion of Pt on the support
results in even higher volatilization of PtO, than expected from thermodynamic equilibrium. Metal
loss in the form of volatile oxide, which contributes to deactivation of the catalyst, is also a serious
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problem in the ammonia oxidation process over Pt-Rh gauzes operated at similar conditions as
CPOx of methane [132].

Sintering of catalyst particles and phase changes of the support structure are also an issue that
concerns the applicability of metal catalysts supported on a highly porous structure at very high
operating temperatures. These thermal driven deactivation mechanisms lead to a reduction of the
active surface area and a decrease in the catalyst activity is expected.
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Figure 23. Loss of Pt from 1% Pt monolith catalyst at 1000 °C in moist air (a) and loss of
surface area of oxide support due to sintering (b).

Figure 23 shows that surface areas of oxide supports decrease significantly with increasing
operation temperature. Vaccari [133] studied deactivation of a Pt/y-Al,O; catalyst used for CPOx of
methane causing at 900 °C. Significant sintering of both Pt and y-Al,O; was observed, which
results in deactivation of the catalyst.

3.1.1.4 CPOx of methane over oxide catalysts

Compared to metal catalysts, oxide catalysts have almost not been studied for CPOx of methane.
However, CPOx of methane has been often mentioned as a major side reaction in both oxidative
coupling of methane over rare oxides [134] and partial oxidation of methane to formaldehyde on
TiO, [135]. CPOx of methane over some irreducible or hardly reducible metal oxides such as TiO,,
La,0s, and ZrO,-based mixed oxides was studied by Steghuis [136-137] and Stobbe [138]. Yttrium
stabilized zirconia (YSZ) showed the best catalytic performance among these oxide catalysts.
Stobbe concluded, based on the relation between methane conversion and selectivities over ZrO,,
that CO and H, are primary products of CPOx of methane over ZrO,, whereas CO, is formed by
water-gas shift and oxidation of CO. Steghuis proposed a reaction mechanism of CPOx of
methane over YSZ, including homolitic dissociation of methane over O-(S) sites followed by
conversion to CO, H, and H,O via the formation and decomposition of formaldehyde as an
intermediate. CO, is produced by further oxidation of the reaction intermediate. As reported by
Steghuis [136], YSZ catalyzes direct partial oxidation of methane to synthesis gas with a
reasonable activity and selectivity, although they are still as compared with metal catalysts.
Moreover, YSZ is much more thermally stable as compared with metals under CPOx of methane
conditions (in the presence of oxygen at high temperature). These features make YSZ a very
interesting catalyst for CPOx of methane. However, the details of catalysis of YSZ during CPOXx of
methane are not fully understood yet. The defective structure of YSZ seems to play an important
role in CPOx of methane.
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Comprehensive reviews on the topic of methane catalytic partial oxidation can be found in
references [5,67,71,110-111].

3.1.2 Biogas catalytic partial oxidation

Biogas catalytic partial oxidation corresponds to the combination of dry reforming and catalytic
partial oxidation of methane (also known as oxidative dry reforming, oxy-CO, reforming or dry
autothermal reforming of methane) with a CH4/CO, ratio typical of the biogas composition. The
addition of O, to an inlet biogas feed stream has several advantages namely the suppression of
carbon formation, the reduction or complete elimination of external heat requirements and the
enhanced methane conversion to H, and CO [25, 73]. Moreover by controlling the amount of O,
co-fed with biogas the H,/CO ratio can be tuned [79].

During biogas catalytic partial oxidation the set of reactions presented below (R2-R11) as well as
reaction R1 can describe the global mechanism between reactants and products.

R2 CH,4 + CO, = 2CO + 2H, AHg = 4247 k]/mol
R3 CH, = C(S) + 2H, AHg = +75 kJ/mol
R4 2C0 = C(S) + CO, AHg = —172 kJ/mol
R5 CH, + H,0 = CO + 3H, AHg = +206 kJ/mol
R6 CH, + 2H,0 = CO, + 4H, AHy = +165 kJ/mol
R7 CO + H,0 = CO, + H, AHg = —42 k] /mol
R8 CO + H, = C(S) + H,0 AHg = —131k]J/mol
R9 CH, + 20, - CO, + 2H,0 AHy = —803 kJ/mol
R10 H, + %02 - H,0 AHg = —242 k] /mol
R11 CO+ %02 - CO, AHR = — 283 kJ/mol

Thermodynamic equilibrium calculations give usually a starting point about ideal operating
windows for further experimental/numerical pursuing. The method of minimisation of Gibbs free
energy was herein employed in spite of the use equilibrium constants due to its well-recognised
difficulty in the prediction of equilibrium states where condensed species exits simultaneously with
gaseous species [11,12]. CH,, CO,, O, H,0, CO, H, and C(S) were considered for equilibrium
calculations. C(S) corresponds to solid carbon (graphite). In all thermodynamic equilibrium
calculations herein reported the total reactor pressure was considered constant (isobaric
conditions) and equal to the atmospheric pressure along with temperature (isothermal conditions)
or enthalpy (adiabatic conditions) forming two different sets of thermodynamic constrains.
Thermodynamic equilibrium calculations were performed with the CANTERA software [13].

The performance of the catalytic partial oxidation of biogas co-fed with air under the
thermodynamic equilibrium conditions is carried out analysing the mixture composition (in a molar
basis) and reactants (CH4;, CO, and O;) conversion and H,, CO and C(S) selectivities. The
conversion of a reactant species k is given by expression (2) and the H,, CO and C(S) selectivities
are computed through expressions (3), (4) and (5) respectively. n, is the molar flux of species k.
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Figures 24-26 present the thermodynamic equilibrium analysis for catalytic partial oxidation of a
clean model biogas with a CH4/CO, ratio of 1.5 for different air/biogas ratios (or air ratios - A) and
different temperatures at atmospheric pressure. The air ratio (A) evaluated according to expression
(6) where X,, corresponds to the molar fraction of species k.

Xo

A= Z 6
2Xcn, 6)

For isothermal conditions Figure 24a shows that as the air ratio (A\) decreases the carbon formation
increases until the value achieved corresponds to the case of biogas catalytic decomposition (for
the absence of air addition). Moreover a decreasing trend on air ratio leads to an increase in the
H,/CO ratio. Figure 24b shows a complete conversion of O, and a negative conversion of CO, for
an air ratio of 0.4 at medium temperatures which points out an overall CO, production instead of
consumption. Figure 24b also shows that increasing the reactor temperature the selectivity of C(S)
decreases whereas the selectivity of CO increases. The H, selectivity at high reactor temperatures
starts to decrease which reveals a competition between partial and total oxidation reactions of
methane.
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Figure 24. Thermodynamic equilibrium calculations considering isothermal and isobaric (1
atm) conditions: a) product composition as a function of the O,/CH, ratio (or A) for two
reactor temperatures; b) CH4, CO, and O, conversions and H,, CO and C(S) selectivities
as a function of the reactor temperature for three A values.
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The O, addition to the biogas mixture allows the conversion of methane through an exothermic
route (see reactions R1 and R9). The heat release will be utilized to drive endothermic reforming
reactions allowing a higher H, and CO vyields and a higher fuel conversion. For these reasons the
operation of biogas CPOx is suitable in adiabatic reactors (through an autothermal (AHg < 0) or
thermoneutral (AHg = 0) regime) unlike the previous strategies for biogas reforming (catalytic
decomposition and steam reforming) which require an operation in an allothermal regime.

Figure 25 presents the equilibrium reaction results at adiabatic and atmospheric conditions for
different air ratio values and inlet temperatures. Figure 25a shows that the coking boundary slightly
decreases as the inlet reactor temperature increases: it decreased from A=0.38 to A=0.34 when the
inlet temperature increased from 600 to 850 K. Low air ratio values allow a higher H, molar fraction
however the carbon formation increases significantly. Figure 25b demonstrates a complete O,
conversion and a significant loss in the H, selectivity clearly visible at high temperatures as the air
ratio increases.
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Figure 25. Thermodynamic equilibrium calculations considering adiabatic and isobaric (1
atm) conditions: a) product composition as a function of the O,/CHy, ratio (or A) for two
inlet temperatures; b) CH4, CO, and O, conversions and H,, CO and C(S) selectivities as
a function of the inlet temperature for three A values.

The adiabatic temperature rise for several inlet mixture conditions is presented in Figure 26. As the
air ratio increases (until slightly before unity) the overall reaction exothermicity increases as Figure
26a shows. In Figure 26b the reaction exothermicity decreases with the inlet reactor temperature
well noticeable for the two lower air ratio values (0.20 and 0.30). Particularly, for the lowest air ratio
value at temperatures above 1100 K an overall reaction endothermicity is observable.
Thermodynamic equilibrium analysis of the simultaneous dry reforming and partial oxidation of
methane can be found in reference [2,75,120].

A compilation of the relevant experimental works available in the area of biogas catalytic partial
oxidation is presented in Table 5.
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Figure 26. Adiabatic temperature rise: as a function of the O,/CHy, ratio (or A) for two inlet
temperatures (a); as a function of the inlet reactor temperature for three A values (b).

Table 5. Literature survey on catalytic partial oxidation of biogas (oxidative dry reforming of

methane).
Motivation
Ni MgO; Al,O3; Support effect on catalyst stability and activity;
SiO; effect of O,/CO;, ratio on the product Hx/CO ratio
. . Effect of the support; catalyst stability and activity;
Co MgO; Ca0; SiO: effect of O2/CO; ratio on the product H2/CO ratio
Rh; . _—
Ru: Pt: MgALO4 Catalyst activity and stability; effect of
. temperature, A and SV
Pd; Ir
Rh ALO Catalyst stability; hot-spot formation;
23 validation of CFD predictions
Rh ALLO 1D model validation; process optimization;
23 reforming strategy adequacy for SOFC
Ceo.75Z2r0.2502 — Effect of inlet temperature, GHSV and O,/CH4
Pt-Rh .
Al,O3 ratio on reactor temperature and performance
Catalyst deactivation; carbon formation;
Rh Al>O3 comparison with biogas catalytic
decomposition
Effect of operation conditions on methane
Pt-Rh CeO; — Al20s conversion and syngas selectivity; coke formation
Ni 2105 MgO Influence of MgO on N|O/;r02 in terms qf overall
catalyst performance; catalyst stability
. . Role of Y203 on NiO/ZrO; in terms of overall
Ni 2102; Y203 catalyst performance; catalyst stability
Comparison with biogas catalytic decomposition,
Ni Al,O3 coke deposition, biogas CPOXx reactor integration
in a pilot-scale unit for H, production

Mix. Conditions

0.05-0.50

0-1

1.0

1;1.18

0.54

0.67

1;0.71

0-1

0.67

0.67

0.77

0.12-0.18

0-0.13

0.15-0.50

0.25; 0.29
0.20-0.39

0.08-0.29

0.23

0.25-0.50
0.08

0.08

0.05-0.38

80

79

119

72

54

26

25

74

81

78

Studies in bold are referred along the main text.

Most of the earlier work found in the open literature on the subject of simultaneous dry and
catalytic partial oxidation of methane does not even refer to biogas applications. Ashcroft et al. [18]
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recommended the addition of oxygen to the inlet feed stream in order to decrease the heat
requirements of dry reforming. Ruckenstein and Hu [80] suggested that the addition of CO, to the
partial oxidation of methane could decrease the hot-spot formation. Other earlier works focused on
the catalyst development and their characterization. Even with no direct reference to biogas, most
of these works are a valid and valuable contribution to the biogas reforming if the catalyst
characterization experiments were performed under CH,/CO, ratios typical of those encountered in
clean model biogas mixtures. This is the case of the first three works in Table 5.

Due to the advantages mentioned for biogas reforming through catalytic partial oxidation over the
catalytic decomposition or steam reforming route, the CPOXx of biogas has received more attention
concerning practical applications. Murphy et al. [54] assessed the fuelling of a SOFC with
reformate derived from different biogas reforming strategies: CPOx with air and pure oxygen and
steam reforming. They found that the biogas CPOx with pure O, return the highest cell
performance among the remaining biogas reforming strategies, just 3% lower than the
performance achieved with pure H,. The applicability of biogas CPOx for downstream Fischer-
Tropsch synthesis and for PEM fuel cells is slightly discussed by Kohn et al. [25] due to the tunable
H,/CO ratio with the reactor temperature.

Several numerical works were carried out under the topic of biogas catalytic partial oxidation (or
oxidative dry reforming of methane with appropriate CH,/CO, ratios). The main focus and remarks
in the computational modelling were attributed to the employed kinetic model. In particular Ding et
al. [72] found that the CO, adsorption rate of the detailed reaction mechanism from Deutschmann
et al. [76] for methane CPOXx over Rh catalysts was inadequate for the case of a relevant addition
of CO, to the inlet feed stream, as the case of biogas. They proposed a modification for the
kinetics of CO, adsorption and the CO, conversions predicted by the model agreed well with their
experimental data. A similar conclusion was drawn by Murphy et al. [54] during numerical analysis
of biogas CPOx with pure oxygen. They applied the microkinetic mechanism from Schéadel et al.
[77] (which is an improvement of the earlier methane CPOx mechanism from Deutschmann et al.)
and found that the methane dry reforming reaction was under predicted, especially at low reactor
temperatures, leading to a lower methane conversion than that experimentally measured.

3.2 Other catalytic reforming strategies

In the present section the discussion is prolonged to other three catalytic routes with practical
interest to obtain synthesis gas from biogas mixtures. The discussion intends to expose in a brief
overview the well-known principles of such reforming strategies directed for methane as the fuel
and further extended to methane-carbon dioxide mixtures mimicking clean biogas compositions in
a deep literature review.

3.2.1 Catalytic decomposition
Overview

In practice the catalytic decomposition of biogas consists in the well-known CO, reforming of
methane (also recognized as stoichiometric reforming or dry reforming of methane, shortly DRM)
with a specific CH,/CO, ratio dictated by the biogas composition [30,41]. Methane dry reforming
was proposed by Fischer and Tropsch in 1928 [3] and it has been exhaustively studied well before
the current concern on the valorisation of biomass-derived gases into a higher added-value



&T“ﬂ’ D3.3 Biogas fuel utilization at the FC-District unit Page 42 of 118

compounds such as synthesis gas. Due to this reason a large number of experimental and
theoretical studies on methane dry reforming can be directly considered relevant for the biogas
catalytic decomposition process.

Dry reforming of methane, globally expressed through reaction (R2), is a strongly endothermic
reaction (AHg = 249 kJ/mol) being favoured by high temperatures and low pressures. Alongside
with the direct reaction route from the fuel mixture to the desired products (R2) other competitive
reactions may take place, namely the methane thermal decomposition (methane cracking reaction)
(R3), CO disproportionation reaction (Boudouard reaction) (R4), methane steam reforming to CO
(R5) and to CO, (R6), water-gas shift (R7) and CO reduction reaction (R8). Reactions R3, R4 and
R7 explain the elemental carbon predicted by thermodynamic equilibrium calculations and also the
carbonaceous deposits encountered in experimental studies. In general reactions R3 and R4 are
claimed to be the main reaction pathways for carbon formation [21] but reaction R8 cannot be ruled
out [9]. Methane decomposition reaction (R3) is favoured by high temperatures (above 560 °C) and
low pressures while the presence of CO disproportionation reaction (R4) in the overall reaction
scheme decreases by increasing the temperature (above 700 °C its contribution is negligible) and
decreasing the pressure [4-5].

Due to its overall endothermicity dry reforming of methane is usually carried out in reactors placed
inside ovens/furnaces to keep the catalyst temperature near isothermal conditions. Its industrial
and large scale application is limited due to the several reasons, namely the high pressures usually
applied to make the process economically sustainable are not adequate for high methane
conversion (according to thermodynamics) [4-5], the loss of catalytic activity due to sintering and
support phase transformations [7] but mainly the strong tendency to carbon deposition onto the
catalyst surface that leads to its rapid deactivation is by far the major problem that concerns a large
scale implementation of the dry reforming technology [4-6,7-9, 16].

The deposition of carbon on the catalytic surface leads to the blockage of catalytic active sites and
pores of the catalyst support structure leaving the catalyst particles inaccessible to reactant
species and ultimately leading to a complete support disintegration due to growth of carbon
particles in the pore structure [1-2]. Moreover, the carbon deposits may also cause an increase in
the pressure drop [57] along the reactor or limit the heat transfer in externally heated reforming
units [45]. Several strategies have being proposed to avoid carbon lay down namely adding
oxidizing agents to the feedstock mixture, employing catalysts that inhibit methane decomposition
and coke formation and operate under conditions that thermodynamically do not favour carbon
formation.

Nevertheless, dry reforming of methane presents several advantages over other reforming
strategies. Dry reforming allows the mitigation of two greenhouse gases while producing synthesis
gas with a low H,/CO ratio which is preferable for downstream Fischer-Tropsch synthesis [6,8] and
oxygenated compounds [4]. DRM can also be used to reform a poor quality natural gas with a high
CO; content [9] or biomass-derived gases without using other oxidizing agent, such as H,O or O,
[2,10, 27].

The performance of the dry reforming of methane under isothermal and isobaric conditions
predicted by the chemical equilibrium calculations is presented in Figure 27a for the product
composition and in Figure 27b for CH, and CO, conversions and H,, CO and C(S) selectivities.
Figure 27a reveals that solid carbon is always present in some quantity depending on the mixture
composition and the reactor temperature. In particular as the reactor temperature increases the
maximum value of C(S) is shifted towards higher values of CH4/CO, ratio in such a way that at
1100 K the maximum molar fraction of C(S) is observed in the absence of CO,. The equilibrium
composition of the pure methane decomposition reaction (CO,/CH,=0) reveals that as the reactor
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temperature increases a higher methane conversion is achieved (denoting the overall
endothermicity of reaction R3) and the H,/C(S) ratio equals to 2.
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Figure 27. Thermodynamic equilibrium calculations considering isothermal and isobaric (1
atm) conditions: a) product composition as a function of the CH4/CO. ratio for three
reactor temperatures; b) CH, and CO, conversions and H,, CO and C(S) selectivities as a
function of the reactor temperature for three CH4/CO, ratios.

Figure 27b shows that as the CH4,/CO, ratio increases for each reactor temperature the CO,
conversion increases as well as H, and C(S) selectivities whereas the CH4 conversion and CO
selectivity decrease. Independently of the mixture composition C(S) has a high selectivity at low
reactor temperatures. As the reactor temperature increases the selectivities of H, and CO increase
as well whereas the C(S) selectivity decreases. For the particular case of an equimolar reacting
mixture (CH4:CO,=1:1) the selectivity of C(S) become negligible at high reactor temperatures
whereas the equilibrium H,/CO ratio approximates a value of 2 in agreement with the stoichiometry
of methane dry reforming reaction (R2). However, for mixtures with a CH,/CO, ratio higher than 1
carbon formation is always expected at high reactor temperatures as well as an increase in the
H,/CO ratio as result of an increasing contribution of the methane cracking reaction.

Regarding adiabatic and isobaric conditions Figure 28a presents the thermodynamic equilibrium
composition of the product mix whereas Figure 28b shows the CH, and CO, conversions and H,,
CO and C(S) selectivities. By direct comparison between Figures 27 and 28 one can see a lower
ability towards the decomposition reaction of CH,-CO, mixtures in adiabatic reformers which in
practice justify the external heat supply required for dry reforming reactors. In particular,
considering an equimolar CH,-CO, mixture the H, selectivity during adiabatic operation attains a
maximum value of about 0.6 for 1400 K whereas at isothermal conditions a selectivity of H, near
0.95 is expected for the same temperature value (see Figures 28b and 27b).

Figure 29a shows the adiabatic temperature rise as a function of the CH,/CO, ratio for three
reactor temperatures (600, 850 and 1100 K). Considering an inlet temperature of 600 K it can be
seen that the overall reaction can be slightly exothermic up to CH,/CO, ratio equal to 1.5.
However, this range of CH4/CO, ratio at the mentioned inlet temperature gives poor reformates
with H, and CO concentrations quite far from the reaction capabilities at isothermal conditions.
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Figure 28. Thermodynamic equilibrium calculations considering adiabatic and isobaric (1
atm) conditions: a) product composition as a function of the CH4/CO. ratio for three inlet
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of the inlet temperature for three CH4/CO; ratios.
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The presence of large amounts of C(S) predicted in the equilibrium mix turns unattractive, at the
first glance, the catalytic decomposition of biogas. As it was seen CH,/CO, ratios below unity at
high temperatures decreases the tendency to coking (see Figure 27a). However, in practise and
for biogas mixtures these conditions may not be fulfilled due to the biogas composition and the

high energy requirements [6].
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Extensive thermodynamic equilibrium studies on the catalytic decomposition of biogas or on
methane dry reforming with appropriated CO,/CHj, ratios can be found elsewhere [61, 39, 2].

An alternative to avoid carbon deposition under practical operating conditions that thermodynamic
calculations predict a high level of carbon formation consists in the selection of adequate catalyst
formulations and supports that under kinetic control inhibit coke formation [4,6].

The development of catalyst formulations that exhibit high activity, stability and selectivity towards
dry reforming of methane has become an extremely active research area [7-9, 20, 24]. This
development has been focused mainly in the nature of the support [21], the catalyst preparation
method [16] and effect of promoters [23]. Ni-based catalysts due to the reasons mentioned above
are the by far the most preferred catalyst to develop and improve [16, 20-21].

Dry reforming of methane has been conducted over a wide range of catalysts [4,6,14-15]. Rostrup-
Nielsen and Hansen [17] performed a series of experiments with MgO supported Ni and noble
metal catalysts at 550 °C and concluded the following relative order of activity for dry reforming of
methane:

Ru > Rh, Ni, Ir > Pt > Pd (550°C; 1atm, CH,/CO,=0.25; CH4/H,=2.5)

Ni-based catalysts are by far the most preferable due to the Ni high availability and its low cost
comparing with other transition metal catalysts, in particular with precious metal catalysts [7,16].
Ni-based catalysts present high activity for dry reforming of methane but at the same time are
highly active for methane decomposition, CO disproportionation and CO reduction reactions and
for this reason these catalyst are prone to deactivate by carbon deposition [17]. Conversely, noble
metal catalysts (Platinum Group Metal catalysts expect Os) are known to be less active for carbon-
forming reactions and then present a higher coking resistance [17-18]. Rostrup-Nielsen and
Hansen [17] found the following decreasing sequence of carbon deposition:

Ni >> Rh > Ir > Ru, Pt, Pd (500°C; 1atm, CH4/H,=95/5 vol/vol)

Bimetallic catalyst formulations, such as Ni-Pd, Ni-Pt, Ni-Ru, Ni-Cu or Ni-Co, are also used in
practice due to the better performance achieved when compared to the monometallic formulations
[16,20,22]. Steinhauer et al. found that the activity of Ni-Pd bimetallic catalysts for DRM depends
strongly on the nature of the supports with the following activity decreasing sequence: ZrO,-La,03,
La,O3 > ZrO, > SiO, > Al,O3 > TiO, [22].

Several types of supports have been used as carriers for catalyst particles, such as Al,Oz, SiO,,
TiO,, MgO or ZrO, [4,6,15]. Mixed metal oxides such as MgAl,O4, La;NiO4 or Ce,Zr,,O, have also
been used [7]. During operation the supports must be resistant to thermal degradations and they
have to guarantee a high dispersion of the metal crystallites onto their surfaces [7]. It is well known
that the support composition through its interaction with the metal catalyst also controls the carbon
formation rate [19,21,49]. In particular a strong interaction metal-support increases the catalyst
stability against thermal sintering [48,80] and consequently against carbon deposition since metal
sintering contributes to enlarge the metal ensembles onto the support surface which leads to a
higher carbon formation [49]. The Lewis acidity of the metal oxide supports has also an important
role on the catalyst stability. Supports with a high basicity present a lower susceptibility to
deactivate by coke deposition due to strong CO, adsorption with the surface that favors the carbon
gasification through the reverse Boudouard reaction [47]. For metal-oxide supported Pt catalysts
Bitter et al. observed that the rate for carbon deposition decreases in the order Pt/y- Al203 >>
Pt/TiO, > Pt/ZrO, [19].
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It has been shown that a minimization of the carbonaceous deposits can also be achieved through
the packing arrangement of the catalyst bed. Fluidized-bed reactors instead of fixed-bed reactors
are less prone to carbon deposition [104-105]. Moreover, the temperature field in a fluidized-bed
reactor is expected to be more uniform hindering the presence of cold spots that appear in the
fixed-bed configuration which are responsible for a decrease in the fuel conversion [106, 42].
However, a loss of the active phase through attrition is also expected as the time-on-stream
increases [42].

Comprehensive reviews on the DRM topic can be found elsewhere [4,6,9,14,15].

Biogas catalytic decomposition

Regarding the catalytic decomposition of biogas which is in fact the DRM with a characteristic
CH,/CO, ratio, only recently it received a considerable attention in the open literature. Perhaps due
to the high propensity to coke deactivation during catalytic decomposition of biogas under typical
conditions, limited applications involving biogas catalytic decomposition have been reported. The
main focus has been related to the development of catalytic formulations that under typical CH,4
rich CH4-CO, mixtures present high stability (against carbon formation and metal sintering) high
activity and high selectivity to synthesis gas. Therefore, in the following it is provided a literature
survey on the catalytic decomposition of biogas denoting the experimental effort on the catalyst
development. Table 6 presents briefly the work available in the literature involving a direct
reference of biogas catalytic decomposition or dry reforming of methane with a suitable CH,/CO,
ratio.

Table 6. Literature survey on catalytic decomposition of biogas (dry reforming of methane).

Mix.

- Conditi Ref.
Support Motivation ONGILIoNs
CO2/CH,4
Rh; Pt noﬁllzor;e({ggs)'
Pd; Ir; ’ Catalyst selectivity, activity and stability; carbon
v Al O3, N A . . 0.77 1
Ru; Ni; kieselauhr: deposition; applicability to Fischer-Tropsch synthesis
NiO iese gl_J r; Ca
aluminate
Performance of a 400 cpsi cordierite honeycomb
Rh Al,O3 monolith; catalyst activity; carbon deposition; catalyst 0.71;1.0 25
regenerability capacity
s _ Effect of operating conditions (GHSV, temperature) on
Pt-Rh Ce0, - Al20s integral product distribution and thermal profiles 0.67 26
Ru: Rh Al>O3 (for Ru); Effect of temperature on catalyst activity and stability; 0.43; 0.67; o8
’ CeO; (for Rh) carbon formation; metal sintering 1.00; 1.50
Ni Al,O3; CeO; — Effect of Ceria addition to alumina; catalyst activity 0.67 29
Al,O3 selectivity and stability; carbon deposition )
- . Effect of Phosphorus content on the activity and
Ni; Ni-Pd | Al2Os; P- Al20s selectivity of alumina supported Ni-Pd catalysts 1.00 36
Ni La,0Os3 - Al,O3 Catalyst stability and activity; H,/CO ratio achieved 1.00 33
Effect of operating conditions on the catalyst
Ni-Co LaxOs3 - Al,03 performance; catalyst stability; effect of reactor lining 1.00 30
material and packing manner
Ni Al/Mg; Effect of La addition; catalyst activity and stability; 1.00 35
La/Al/Mg carbon deposition ’
Ni La/AlMg Influence _of_ catalyst ca!qlngtlon temperg@ure on its 1.00 36
activity and stability; coke deposition
Ni-Rh: Ni LaxOs - Al,Og; Effect of Rh and Laz(_) a(_JIdltlon on Ni/ A_I2_03 catalyst; 0.67 32
Al,O3 CH4 conversion; carbon deposition




&T“ﬂ’ D3.3 Biogas fuel utilization at the FC-District unit Page 47 of 118

Ni; Co; i Catalyst activity and stability; synergy between Ni-Co

Ni-Co MgO-Zr20s metals; coke deposition; regenerability capacity 1.00 37
Catalyst activity, selectivity and stability under different

Ni Al,O3 reactor temperatures; formation of carbon nanofibres 1.00 39

with high added value.
Effect of temperature, SV and CH4/CO. on biogas 043 0.67:
Ni Al,O3 conversion, H,/CO ratio and carbon formation; catalyst ’ 1’ 00' ' 40
deactivation :

Muradov and Smith [1] preformed an experimental campaign to determine the selectivity, activity
and stability of noble metal (Rh, Pt, Pd, Ir and Ru) and Ni-based catalysts during the
decomposition of a biogas mixture with a CH,/CO, ratio of 1.3. After 5h operation under a catalyst
temperature of 850 °C and 1 atm Ru and Ir were the catalysts with the highest activities and
selectivities for dry reforming of methane with undetectable amounts of graphite followed by Pt, Rh
and Pd. Ni-based catalysts presented initially a high activity with its product distribution comparable
with thermodynamic predictions but as the time-on-stream increased this catalyst revealed the
worst performance with a rapid deactivation and further disintegration due to carbon particle growth
in the porous structure of the support (Al,O3). The authors also reported that due to the low H,/CO
ratio (ca. 1) and unconverted methane in the reformate mixture the catalytic decomposition may
not be suitable for production of liquid hydrocarbons through the Fischer-Tropsch synthesis.

Kohn et al. [25] explored the performance of a 400 cpsi cordierite honeycomb monolith
washcoated with 4% Rh/y-Al,O5 during the catalytic decomposition of two CH4/CO, mixtures (with
molar ratios of 1.0 and 1.4) diluted in N, under 1 atm and a temperature range from 300 to 700 °C.
No traces of carbonaceous deposits were observed with the lower CH,/CO, ratio (although it
should be highlighted the high N, dilution of about 87%). For the CH4/CO, ratio of 1.4 a dilution
with 14% N, was considered to simulate a typical landfill gas mixture and carbon formation was
observed after 24h operation by the darkening of the catalyst and its noticeable loss of activity.
However, the spent catalyst showed the ability to its regeneration, covering its initial activity after
exposure to an air stream.

Lau et al. [26] employed a 900 cpsi cordierite honeycomb monolith coated with a commercial
catalyst formulation discriminated as a bimetallic 2% Pt — 1% Rh catalyst dispersed on a mixed
oxide support (30% Ceq75Zr0250, — 70% y-Al,O3). They considered a clean model biogas mixture
with only CH4 and CO, with a CH4/CO, ratio of 1.5 under an inlet temperature range between 400
and 900 °C and 1 atm. For two GHSV values the product distribution was recorded along the
stated temperature range as well as the thermal profile along the catalyst bed for an inlet
temperature of about 700 °C. The experimental mixture composition observed was in qualitative
agreement with thermodynamics in the temperature range and for the higher GHSV value a
decrease in the catalytic activity was observed as a result of a decrease in the overall residence
time. Regarding the carbon formation issue, no data was provided even that from thermodynamic
equilibrium calculations in the range of operating conditions mention C(S) presents a high molar
fraction (see Figure 27b).

The performance of 3% Ru/Al,O; and 2% Rh/CeO, catalysts to catalytic decomposition of
undiluted CH4-CO, mixtures with CH,/CO, ratios of 0.67, 1, 1.5 and 2.33 was conducted by
Djinovic et al. [28] at reactor temperatures from 400 to 750 °C with a constant total flow rate of 92
NmL/min. An increasing trend for coking in both catalysts for each temperature step was observed
increasing the CH,/CO, ratio leading the authors to conclude that CH, is the primary source of
carbon. Nevertheless, the carbon formation registered was in general negligible contradicting
thermodynamic predictions. During the temperature programmed activity tests the Ru-based
catalyst started to deactivate at temperatures above 500 °C which was attributed to sintering of
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metal clusters. Rh-based catalyst achieved a higher activity towards CH, and CO, conversion in all
tested conditions.

The effect of adding ceria to alumina supports of Ni catalyst was investigated by Bereketidou and
Goula [29]. They characterized the performance of 3 alumina supported Ni catalysts (8% Ni/ y-
Al,O3, 8% Ni/10% CeO, - y-Al,O3; and 8% Ni/20% CeO, - y-Al,O3) under latm, over a temperature
range between 700 to 900°C and with a total flow rate of 200 mL/min. A CH,/CO, ratio of 1.5 was
considered as well as a 50% dilution with He. At temperatures above 800 °C the CeO, - y-Al,O3
supported Ni catalysts showed a slightly higher fuel conversions then the Ni/ y-Al,O; catalyst.
Moreover, the catalyst with the higher Ce content evolved the best catalytic performance with an
H,/CO ratio of about 1.3 being suitable for methanol and Fischer-Tropsch synthesis. A 5 h
exposure of the Ni catalyst with the higher Ce content at 860 °C revealed an insignificant carbon
formation.

The influence of Phosphorus content on the activity of alumina supported Ni-Pd catalysts for a
stoichiometric methane dry reforming reaction at atmospheric pressure and 973 K was discussed
by Damyanova et al. [36]. Over a period of 400 min they examined the catalytic activity and
stability of Ni/AL203, Ni-Pd/AI203 and four Ni-Pd/P-AI203 catalyst samples containing different
amounts of P (0.5,1, 3 and 5 wt% ). The best catalytic performance (higher fuel conversion and
syngas Yield) was verified with the catalyst sample containing the minimum amount of P.

An interest on the role of Lanthanum oxide or Lanthana (La,Os3) in the support composition has
been visible in several literature works for biogas reforming applications through dry reforming of
methane. This is due to the well-known Lanthana role in preserving the catalyst stability against
coke deposition [34]. Benito et al. found that the 5%Ni / 5% La,O3; — y-Al,O3 catalyst achieved an
excellent stability after 40 h exposure to an undiluted CH4-CO, mixture (CH,/CO,=1) under kinetic
regime [33]. Xu et al. [30] performed a detailed characterization of the influence of operating
conditions on the performance of a 7% Ni - 3% Co/6% La,0s-Al,O; catalyst previously suggested
by them as an excellent catalyst for biogas decomposition [31]. They recall that the reaction
temperature and the operating pressure can considerably influence the catalyst performance. In
long term stability experiment (310 h) carried out in a quartz reactor a dynamic equilibrium between
the rate of carbon deposition and gasification can be reach. A similar experiment using a stainless
steel reactor revealed that with the quartz reactor a lower carbon deposition on the catalyst is
observed denoting the effect of the stainless steel to catalyze carbon formation. Serrano-Lotina et
al [35] after a 50 h operation experiment with Ni/Al/Mg and La-promoted Ni/Al/Mg catalysts
exposed to a clean and undiluted biogas mixture (CH,/CO,=1) at 700 °C found that the catalyst
without La had an higher activity but on the other hand the La addition provided a significant
improvement of catalyst stability with no coke deposition. In other work Serrano-Lotina warns
about the preparation method (namely the selection of the calcination temperature) of La promoted
NiMgAI catalyst on its activity and stability [36].

Experimental investigations considering a synthetic biogas mixture with a CH,/CO, ratio of 1.5,
diluted in 25% of N, showed that bimetallic Ni-Rh catalyst supported on La,Os-Al,O3 return an
higher CH, conversion and an insignificant carbon deposition compared to monometallic Ni
catalysts supported on La,O3-Al,O3 or only on Al,O3; and bimetallic Ni-Rh catalysts supported only
on Al,O3 [32]. Similar results were reported by Fan et al. [37] but for bimetallic Ni-Co supported on
MgO-Zr,0O; catalyst. After a 40 h time-on-stream test at 750 °C with an equimolar CH4-CO, mixture
a constant catalytic activity and high fuel conversion were observed. The performance of the
bimetallic catalyst was considered better than the performance of monometallic Ni and Co
supported on MgO-Zr,O; catalysts. Moreover the bimetallic catalyst demonstrated an excellent
regenerability capacity after to coke deposition by restoring almost 100% of its catalytic activity.
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The valorization of nanostructured carbonaceous materials that are produced along with syngas
during the catalytic decomposition of biogas in Ni/Al,O; catalysts was also suggested to increase
the overall process sustainability [39-40].

3.2.2 Steam reforming
Overview

The first historical efforts available on the description of the hydrocarbons conversion with steam
were reported in 1868 with CaO [50] and latter in 1890 with a Ni catalyst [51]. Today, the steam
reforming (SR) of methane is a well-stabilised technology being the most important industrial
process to produce synthesis gas and H,. For more than 40 years steam reforming is a
commercially available technology [44] and nowadays it is estimated that 40% of the worldwide
hydrogen production is accomplished in steam reformer units consuming mainly natural gas and
naphtha [5, 110]. In large-scale facilities steam reforming of methane is carried out in fired tube
furnaces at temperatures between 850-900 °C, under high pressures (2 — 4 MPa) to keep the
whole reactor compact and decrease its capital cost [45] and with steam to methane ratios of 2.3 to
3.0, higher than the suggested by the stoichiometry of the steam methane reforming reaction R5 to
avoid the carbon formation regime [46]. Ideally, steam reforming as dry reforming of methane
would be conducted at low pressures and high temperatures.

Rostrup-Nielsen and Hansen [17] observed the following order of catalyst activity for methane
steam reforming:

Ru, Rh > Ir > Ni, Pt, Pd (550°C; 1atm, CH,/H,0=0.25; CH,/H,=2.5)

Despite the higher activity shown by noble metals Ru, Rh and Ir, Ni-based catalysts supported on
alumina are extensively preferred due to its large availability and relative low cost. Besides Al,Os (a
and y phases) also SiO,, ZrO,, MgO, TIO, or MgAL,O, supports have been used [5]. Even not
being so alarming when compared to the dry reforming case, the carbon deposition is also an
issue that concerns the steam methane reforming technology due to the high propensity for carbon
formation in Ni-based catalysts [17, 45]. Besides the excess of steam in the feedstock or the
alkalization of the catalyst carrier [44] the sulphur passivation of the catalyst was also proposed to
decrease the carbon formation since it allows to control the size of the metal crystallites disfavoring
the larger metal ensembles [52]. Despite carbon formation, three other challenges, catalyst activity,
sulphur poisoning and sintering were highlighted in the literature for the industrial steam reforming
technology [45].

Biogas steam reforming

Biogas steam reforming is essentially the simultaneous dry and steam reforming of methane with a
CH,/CO; ratio typical of the biogas composition. The set of reactions R2-R8 presented before (see
Section 2.1.2) may explain the global dominant reaction pathway in case of simultaneous dry and
steam reforming of methane [42]. However, the relative importance of such reactions during biogas
steam reforming is not expected to be the same during the catalytic decomposition of biogas. This
is the case of methane dry reforming reaction (R2) that will play a minor role in the overall reaction
scheme in excess of steam [43].
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Figures 30a and 30b present the equilibrium performance at isothermal and isobaric conditions for
biogas-H,O feed mixtures. The biogas composition consists in a clean and undiluted CH;-CO,
mixture with a CH4/CO, ratio equal to 1.5 according to a typical biogas composition. The effect of
the CH,4/H,O ratio for two reactor temperatures on the species molar fractions at thermodynamic
equilibrium conditions is shown in Figure 30a. For both operating temperatures a similar trend is
denoted concerning carbon formation: as the steam content in the inlet mixture increases the
carbon formation decreases considerably. For instance, at 1100 K the C(S) mole fraction
decreases from 0.18 during the biogas catalytic decomposition (without steam in the feedstock) to
0.07 for the CH4/H,O ratio equal to 1. Figure 30b shows that the CH, conversion is rather
insensitive to the CH4/H,O ratio. However, at low reactor temperatures the H,O and CO,
conversions reveal that the methane steam reforming reaction (R5) seems to be a preferential
reaction pathway to syngas production in spite of the methane dry reforming reaction (R2) which is
in accordance to their reaction enthalpies. The increase in the H, and CO selectivities as the
reactor temperature increases also outstands the strong endothermicity of the steam and dry
reforming reactions.
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Figure 30. Thermodynamic equilibrium calculations considering isothermal and isobaric (1

atm) conditions: a) product composition as a function of the CH,/H,O ratio for two reactor

temperatures; b) CH,4, CO, and H,O conversions and H;, CO and C(S) selectivities as a
function of the reactor temperature for three CH4/H,O ratios.

Figures 31a and 31b demonstrate the equilibrium results at adiabatic and isobaric conditions for
biogas-H,O feed mixtures. Both figures exhibit a lower reforming performance than that observed
in the isothermal case (compare with Figures 30a and 30b, respectively). Furthermore, Figures 32a
and 32b indicate the strong need of external heat supply to convert the biogas-H,O feedstock into
synthesis gas. This explains that an operation under externally heated conditions is by far most
profitable for biogas steam reforming than an adiabatic operation.

Thermodynamic equilibrium analysis on the topic of biogas steam reforming or simultaneous steam
and dry reforming of methane with appropriated CO,/CH, ratios can be found in references
[2,62,63].

The addition of H,O to the biogas feed stream mixture has advantageous effects over the catalytic
decomposition of biogas. It improves the catalyst stability, namely reducing from the
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thermodynamics standpoint the carbon deposition and it can be useful to modify the H,/CO ratio by
varying the CH4/H,0O feed ratio which turns this process flexible and attractive for downstream
Fischer-Tropsch synthesis. However, it also requires large amounts of latent heat for its
evaporation, increasing the energy cost, and it leads to a decrease in CO, conversion [56] (see
thermodynamic equilibrium calculation — Figure 30). Nevertheless, the steam reforming of biogas
has involved more enthusiasm for practical applications than the biogas catalytic decomposition.
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Figure 31. Thermodynamic equilibrium calculations considering adiabatic and isobaric (1
atm) conditions: a) product composition as a function of the CH4/HO ratio for two inlet
temperatures; b) CH,4, CO, and H,O conversions and H,, CO and C(S) selectivities as a
function of the inlet temperature for three CH4/H,O ratios.
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Figure 32. Adiabatic temperature rise: as a function of CH4/H,0O ratio for two inlet
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In the following a literature survey on the specific topic of steam reforming of biogas is presented.
Table 7 presents succinctly the main experimental work done so far focusing on the catalyst
systems, the ratios CO, and H,O to CH; and the main motivation along with the respective
references.

Table 7. Literature survey on steam reforming of biogas (simultaneous steam and dry reforming of

methane).
Mix. Conditions
Metal  Support Motivation
CO,/CH4 H2O/CHq4
NiO Unsupported Catalyst activity and stability; carbon formation 0.05-0.71 | 0.39-1.72 57
. MgO-SA- Catalyst activity and stability; fuel conversion; H,/CO
NiO 5205* ratio; carbon formation 0.00-0.57 1 0.29-0.86 58
Ni CaO-Al,Os Optimal operating temperature and H20/C_H4 ratio 067 1545 43
for downstream gas engine combustion
NIO ALOs Carbon formation; adequacy for downstream F-T 077 0.0-1.0 1
synthesis
. Comparison between the performance of a fixed- and
Ni Al20s fluidized-bed reactor; carbon deposition 0.67 0.56-5.56 42
Optimal operational window; 1D pseudo-
Ru Al20s homogeneous model validation 0.40-2.00 2.0-6.0 41
Ni Not Optimal reactor temperature, Hzo/C_:H4 ratio and 067 152-4.69 53
Available contact time/space velocity
. Not Influence of H;S presence in a clean model biogas .
Ni Available on catalyst activity; catalyst regenerability 0.67 2.91;3.07 55
1D model validation; minimization steam addition;
Rh Al20s reforming strategy adequacy for SOFC 054 1.11-3.33 54
. Assessment of H production in a fluidized-bed .
Ni Al20s reactor followed by WGS reactor 0.67 0.83-5.00 56
Ni* Not Conversion of CHs and_ CO; f.ormed from t_)lo_ma_ss 050-2.00 | 1.00-3.00 59
Available gasification into synthesis gas; process optimization
NiO* ALOs Effect of space ve_Io_cny; integration of a biogas steam 067 1.80-2.87 60
reforming unit in a reactor system for PEFC

Studies in bold are referred along the main text. *Commercial catalyst/catalyst carrier.

The effect of sulphur contaminants on the performance of a Ni-based catalyst under biogas steam
reforming was studied by Ashrafi et al. [55]. They added to a synthetic biogas mixture different
amounts of H,S (15-145 ppm) and on a temperature range of 700-900 °C measured the methane
conversion. At a given temperature increasing the amount of H,S in the feedstock decreases the
time required to achieve a stable (however much lower) catalyst activity. Low operating
temperatures (700 °C), for a given H,S partial pressure, induce higher damages in the catalyst
activity than higher temperatures (900 °C). Finally, they showed that the catalyst regeneration can
be successfully achieved by increasing the reactor temperature.

Kolbitsch et al. [43] explored the applicability of a Ni-based catalyst supported on CaO-Al,Os for
steam reforming of a clean model biogas within a fixed bed reactor feed with constant flow rate.
Based on experimental H, yield and CH4 conversion an operating temperature of 750 °C was
chosen for a H,O to CH, ratio of 2.2. Through variation of the steam to methane ratio the authors
observed a negligible kinetic role of CO, (for a high H,O/CH, ratio) or a CH, reaction partner
through methane dry reforming reaction (for a low H,O/CH, ratio). During the experimental
investigations the authors observed no catalyst deactivation and considered the catalyst
performance adequate to produce reformate to be mixed with raw biogas in gas engines in order to
improve its efficiency and decrease NOx emissions.
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Regarding numerical efforts on biogas steam reforming, Avraam et al. [41] developed a 1D
pseudo-homogeneous mathematical model and applied it to an isothermal Ru-based catalyst bed.
To describe the surface chemical kinetics they considered the global reaction mechanism of Xu
and Froment [91] composed by methane steam reforming to CO (R5) and CO, (R6) reactions and
the water-gas shift reaction (R7). The external and internal mass transfer resistances as well as
the mentioned adjustment on the kinetic parameters were indistinctly lumped to effectiveness
factors obtained through an optimization procedure. At the end of the procedure, a good
agreement between experimental and numerical predictions was observed over a wide range of
operating conditions.

3.2.3 Autothermal reforming
Overview

Autothermal reforming (ATR) of methane or oxy-steam reforming of methane is the combination of
the exothermic methane partial oxidation with the endothermic methane steam reforming reaction.
The heat released provided by the exothermic partial and total oxidation reactions of methane will
be captured by the endothermic reforming reactions in such a way that the overall reaction scheme
can proceed in a thermoneutral (AHg = 0), exothermic (AHg < 0) or endothermic (AHi > 0) regime,
according to the ratios CH4/H,O/O, [84]. The stoichiometric autothermal reforming reaction of
methane with pure O, is expressed by the reaction R12. Depending on the ratio O,/0.5CH,
(denoted as x) the reaction R12 goes from the highly endothermic steam reforming reaction (x=0)
to the mildly exothermic partial oxidation of methane (for x equal to 1). Concerning autothermal
reforming operation x is somewhere between 0 and 1.

X o
R12 CH, + 502 + (1 —x)H,0 - CO+ (3 —x)H, AHg = 206 — 242x k] /mol

Besides the adjustment in the net heat release, controlling the feed ratios (CH4/H,O/0O,) also allows
the regulation of the product H,/CO ratio [84-85]. In particular, by increasing the O2/CH4 ratio an
enhanced methane conversion is expected as well as an improvement of the catalyst stability due
to carbon deposition [86-87]. However, a decrease of syngas selectivity is also predictable due to
the thermodynamic promotion of methane total oxidation [86].

Ayabe et al [84] defined the following order of catalyst activity for methane autothermal reforming
considering 2 wt.% metal loading (Co, Ni, Rh, Pd or Pt) on Al,O; in a temperature range of 600-
900 °C and considering the feed flow rate as 16.7% CHy, 1.7% O, 41.6% H,O and 40% N,:

Rh > Pd > Ni> Pt > Co

Concerning the influence of the support and its interaction with the metal catalyst (Ni) on the
catalytic activity Ayabe et al. [84] under equal operating conditions also found that similar activities
were achieved with 10 wt.% Ni/Al,O; and 10 wt.% Ni/ZrO, but the activity shown by equal Ni
content on SiO, was considerably lower than on Al,O; and ZrO,. Ni supported on metal oxides
such as Ca0-CeO,-ZrO, in solid solutions also revealed a high activity for methane autothermal
reforming [85]. For Pt supported catalysts during authothermal reforming of methane it was found
that the support has an important role on the catalyst activity and stability. Particularly, Pt catalyst
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supported on ZrO,-Al,O3; showed better catalytic performance than Pt supported solely on Al,O3 or
ZrO, [86].

Several modelling studies can be found in the literature concerning autothermal reforming of
methane [88-90,94]. In the majority of these studies the chemical scheme is described by the
global reactions of methane total oxidation (R9), steam reforming to CO (R5) and CO, (R6) and
water-gas shift (R7) reactions. For methane total oxidation reaction the proposed kinetic
expressions by Trimm and Lam [92] or Ma et al. [93] are generally considered whereas for the
remaining reactions the rate expression from Xu and Froment [91] are regarded.

Biogas autothermal reforming

Autothermal reforming of biogas results from the simultaneous co-feeding of CH4, CO,, H,O and
O, into the reformer in which the CH,/CO, ratio is a characteristic value of a biogas mixture.
Therefore, the methane reforming reactions dry, steam and oxidative (partial oxidation) will exist in
some extend in the reaction scheme. Because these three reactions contribute to the appearance
of syngas in the autothermal reforming of biogas, this process is also known as tri-reforming of
methane.

The same set of reactions that can explain the product composition of biogas catalytic partial
oxidation can also explain the main reaction pathway in the case of biogas autothermal reforming.
Figure 33, 34, 35 and 36 present thermodynamic equilibrium values for CH, conversion and H,,
CO and C(S) selectivities, respectively. Three different values of temperature (600, 850 and 1100
K) were considered as well as a range for A between 0.0 and 0.4, and for H,O/CHj, ratio from 0.0 to
0.8.

Regarding CH, conversion, Figure 33 shows for each temperature and for both cases (isothermal
and adiabatic) that the H,O/CH, ratio does not play an important role in opposition to A. For 600
K the adiabatic case allows a higher methane conversion than the isothermal case practically for
all range of H,O/CHj, ratio and A. As the temperature increases the isothermal case only achieves
better results than the adiabatic case for low A values.

(b)

Figure 33. Thermodynamic equilibrium conversion of CH4 as a function of the H,O/CH,4
ratio and A for three temperatures under isobaric (1 atm) and: a) isothermal conditions; b)
adiabatic conditions.
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Figure 34b shows that the equilibrium selectivity of H, at low temperatures (600 K) under adiabatic
conditions is higher than the equilibrium H, selectivity under isothermal conditions (Figure 34a).
For 850 K the isothermal case achieves higher values of H, selectivity than the adiabatic case only
for low A values (A<0.1). However for 1100 K the H, selectivity at isothermal conditions is higher in
almost all (H,O/CHj, ratio x A) domain than that observed at adiabatic conditions.

(b)

Figure 34. Thermodynamic equilibrium selectivity of H, as a function of the H,O/CHj,4 ratio
and A for three temperatures under isobaric (1 atm) and: a) isothermal conditions; b)
adiabatic conditions.

Figure 35a shows that for low temperatures (600 and 850 K) under isothermal conditions the
equilibrium values of CO selectivity do not depend noticeably on the H,O/CH, ratio and on the A
value. The reactor temperature is the key parameter that determines the CO selectivity value. For
high A values the adiabatic operation returns higher CO selectivities than the isothermal operation
for the three temperature values considered.

The selectivity to carbon formation reveals that as the temperature increases its value decreases
for both operation modes (see Figure 36a and 36b). For low temperatures (600 K) the C(S)
selectivity is generally higher under isothermal conditions than under adiabatic conditions. For high
values of A at 600 K the C(S) selectivity can be as low as 0.05 under adiabatic conditions
comparing to 0.65 under isothermal conditions.

The thermodynamic equilibrium analysis for autothermal reforming of biogas under isothermal and
adiabatic conditions revealed that the rector performance presents a high sensitivity on
temperature and A being rather insensitive to the H,O/CH, ratio. At low to medium temperatures
the adiabatic performance is by far more beneficial than the isothermal performance considering
high A values. This justifies the practical preference to operate autothermal reforming of biogas at
adiabatic conditions.

Table 8 summarizes the available experimental studies in the open literature concerning biogas
autothermal reforming. The first two works are devoted to methane tri-reforming and they do not
refer explicitly to applications for biogas reforming. However their experimental data, concerning
catalyst characterization, was performed under feed stream conditions similar to those
encountered in studies of clean model biogas.
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Figure 35. Thermodynamic equilibrium selectivity of CO as a function of the H,O/CH, ratio
and A for three temperatures under isobaric (1 atm) and: a) isothermal conditions; b)
adiabatic conditions.
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Figure 36. Thermodynamic equilibrium selectivity of C(S) as a function of the H,O/CH,4
ratio and A for three temperatures under isobaric (1 atm) and: a) isothermal conditions; b)
adiabatic conditions.

The start-up procedure for autothermal reforming of biogas over Ni-based catalyst supported on
cordierite honeycomb monolith was investigated by Araki et al. [96]. They found that catalyst
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deactivation due to carbon deposition and Ni oxidation during the start-up regime could easily
appear if inappropriate initial feed mixture composition and temperature is fed to the reactor. The
durability of Ni-based catalyst deposited on cordierite honeycomb substrate was also assessed by
Araki et al. [95]. They fed the catalytic reactor with an actual biogas mixture with trace amounts of
impurities such as siloxanes, hydrogen sulphide and other organic compounds and with a variable
methane concentration (35% - 65%). They found a stable catalytic performance during 250 h
operation with a mean H,O/CH, ratio of 1.86 and a mean A value of 0.25. However, they alerted
that a ratio H,O/CH, more than 3.0 with a A value of 0.25 led to a degradation of the catalytic
activity due to the oxidation of Ni to Ni,Os.

Regarding applications, the simultaneous reforming of biogas and exhaust gas from a compression
ignition engine to on-board produce H; rich gaseous streams was discussed by Lau et al [26,98].
The main goal behind this strategy is to improve combustion characteristics and reduce pollutant
emissions by re-directing the H, rich stream produced to the combustion engine. In particular they
investigated with realistic values for exhaust gas compositions the effect of A and space velocity on
thermal profiles along the catalyst monolith axial direction and on the integral product composition
[98].

Concerning numerical investigations on the feasibility of biogas autothermal reforming, Xuan et al.
[103] developed a two-dimensional pseudo-homogeneous mathematical model with global
chemistry (as usual in methane autothermal computational studies). Their study was mainly
motivated by the effects of operating conditions (inlet temperature, pressure, CO,/CH,;, H,O/CH,
and A) on the performance of the biogas autothermal reforming. The application of H, and O,
membranes around the reforming zone was also assessed to enrich the H, stream derived and to
reduce hot-spot formation, respectively.

Table 8. Literature survey on autothermal of biogas (tri-reforming of methane).

Mix. Conditions

Support Motivation
CO,/CHs  H2O/CH4
C’Z‘g%’\é%% . Catalyst performance; CO, and CHa4
Ni 710y ,AI203'2’ conversion; carbon formation; kinetic | 0.27-0.81 | 0.21-0.75 0.05-0.17 101
Cezr0 study
. MgO; TiO2; CH, and CO, conversion; catalyst
Ni MgxTi1xO activity and stability 0.48 0.54 0.05 102
Effect of HoO/CH4 ratio and A on
Ni Cordierite catalyst durability; utilization of Variable 0-4 0.25;0.30 95
actual biogas mixture
. _— Start-up procedure: effect of O,
Ni Cordierite and H»O initial feed temperatures 0.67 2.0 025 96
Effect of feed temperature, A and
Ni Cordierite H>0O/CHg, ratio on hydrogen 1.04;0.93 0-3.10 0-0.33 97
concentration and CH4 conversion
Cen 7l 200 — Effect of A and SV on integral
Pt-Rh °-75A| 325 2 mixture composition and thermal | 0.76-1.25 | 0.02-0.16 | 0.08-0.38 98
23 profiles
MgO; . o
T Ny Catalyst activity and selectivity;
RhN:\'" %rngccee%)_ optimization experiments: comparison |  0.67 13 013025 | 99
z-3 2 between fixed-bed and microreactors
ZI’OQ-A|203
. Effect of steam addition, Ni content
Ni SBA-15 and SV; catalyst activity and stability 0.5 0-05 0.15 100

Studies in bold are referred along the main text.
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3.3 Summary of biogas catalytic reforming strategies

The literature survey revealed that due to their advantages CPOx and autothermal reforming of
biogas are the most appealing catalytic strategies to its conversion into synthesis gas for practical
and sustainable applications. The bulk of the work on biogas steam reforming but mainly on biogas
catalytic decomposition has been the development of catalysts capable of compete with the
performance achieved in CPOx and ATR. Biogas catalytic decomposition and steam reforming
also present a serious limitation related to their integration in compact and lightweight applications.
This is due to the fact that an external heat supply system should be combined with the catalyst
reactor.

Since the FC-District y-CHP unit does not include neither a heat supply component to the reformer
nor a steam generator, catalytic decomposition, steam reforming and autothermal reforming of
biogas are not suitable as reforming technologies.

Therefore catalytic partial oxidation of biogas with air is the most suitable reforming strategy to be
integrated in the FC-District y-CHP system. From the thermodynamics standpoint, a proper
selection of the air ratio and the inlet feed mixture temperature allow an operation with high
selectivity towards synthesis gas and low concerns on catalyst stability namely due to carbon
formation and catalyst deactivation.
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4. Catalytic partial oxidation of biogas: applicability to the
FC-District p-CHP system

In this section an assessment of the applicability of biogas catalytic partial oxidation as the fuel
processing thecnology to produce synthesis gas for the SOFC stack is carried out by
computational means. A one-dimensional heterogeneous mathematical model was developed by
IST to assist the development of the FC-District CPOx-based reformer. The mathematical model
accounts with a multitude of transport phenomena and proper chemical kinetics for biogas
reforming with air.

In the next two sections (4.1 and 4.2) the details of mathematical and numerical models are
presented followed by the role of gas-phase reactions during biogas CPOXx (section 4.3). Validation
of the numerical model with experimental data gathered under relevant project conditions is
presented in section 4.4. The chapter ends with a parametric study performed to determine optimal
operating conditions.

4.1 Mathematical model

4.1.1 Governing equations

Numerical results herein presented were performed with a 1D heterogeneous mathematical model
using the so-called single channel approach. Being heterogeneous the model is able to predict
thermal and species profiles for gas and solid phases along the axial dimension of the reactor.

Gas phase balance equations
The species mass and energy balance equations of gas phase read as:

Mass balance equation

Yy g Y,y 0 Yy g
E€Pg 9 + €Pg a_ a pngg Ox + angKmatk(Ykg Yk,w) (7)
— S(,l)k‘ng =0
Energy balance equation
KKy

aT, T, 0 aYy Wi g aT,

R T L i AN P ~ Py Z Pralok 55 Bx
KKg 8)

+ayh(T, - Ts) + ¢ Z @gHig =0
k=1
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Thermal diffusion (Soret effect) is also included on molecular diffusion. The overall mass
conservation is assured through the correction velocity formalism since the ordinary molecular
diffusion coefficients are computed through the Hirschfelder's law [144]. The fourth term of the
energy balance is included to ensure the coherence between mass and energy balances due to
the distortion imposed on species profiles by molecular diffusion. Momentum balance was not
considered in the model scheme since the pressure drop along the monolith length is typically
negligible [71, 149].

Homogeneous gas phase reactions are commonly neglected during CPOXx of light hydrocarbons at
atmospheric pressure and typical CPOx conditions [145,154,153]. However, homogeneous side
reactions start to gain importance on fuel conversion and syngas selectivity for higher
hydrocarbons [147,148,155] or even for methane but at higher pressures (> 5 bar) [154,156-157].
Nevertheless the role of homogeneous reactions during biogas CPOx will be discussed in section
4.2.

The reactive flow behaves as an ideal gas mixture and consequently it obeys to the ideal gas
eqguation given by expression (9).

PW,

Pg = R_Tg (9)

Solid phase balance equations
The species mass and energy balance equations of solid phase read as:

Mass balance equation

dYy )
gwfpg TW - angKmat,k (Yk,g - Yk,w) - ka,ka =0 (10)
Energy balance equation
KKy,
oT, 0 oT, , .
(1 - S)pscp,s E - a (Ks,ef E) - th(Tg - Ts) + f z Wi w Hk + AyqRrad (11)
k=1

=0

Solid and gas phases are coupled in terms of mass and energy balances through interphase
transport of mass and heat accounted for the second term of equation (10) and third term of
equation (11), respectively. Species production/depletion rate appearing in both balance equations
is given by expression (12) which already includes the importance of internal diffusive limitations
along the washcoat layer.

NR

Wiw = Z ViR " 4R " TR * Pcat. (12)

R=1
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4.1.2 Chemical kinetics

Surface chemistry

The adopted surface chemistry scheme for catalytic partial oxidation of biogas follows the indirect
kinetic mechanism of syngas production [67,150]. Table 9 presents the reaction mechanism and
the rate equations for each reaction. Rate expressions for each reaction follow the Langmuir-
Hinshelwood type.

Kinetic parameters for Arrhenius and Van't Hoff expressions are listed in Tables 10 and 11,
respectively.

Table 9 — Reaction scheme and rate expressions for catalytic partial oxidation of biogas.

Reaction Stoichiometry Rate expression (qi) ReaIcE)non
kCH4,tot.ox.PCH4 o
CHy + 20, - CO, + 2H,0 1+ kaasm,o Pao 2 R1

kCH4,steam.ref.PCH4(1 - nCH4,steam.ref.) o
CH, + H,0 2 3H, + CO 1+ kaasco Peo + Kaaso, Po, 20 R2

kpwes Ph,0 (1 —npwes)

CO + H,0 - CO, + H, 7 0co R3
(1 + kaas,H,0 PH20)

C0,+H, - C0O+ H,0 krwes Pcoz(1 — Nrwas) OH, R4

H, +1/20, = H,0 K, tot.ox.Pr, 00, RS

CO +1/20, - CO, kco,tot.ox.Pco 90, R6

The o) term (expression (13)) is included in each rate expression to account for the depletion of
the co-reactant species in each reaction.

Py

P 10° (13)

Table 10 — Kinetic parameters applied on Arrhenius expressions for each rate equation.

Reaction ID [mOl.;cfait..s‘l.a [kf:;t:li‘l]
R1 3.2889 x 10* 92
R2 3.2794 x 10* 92
R3 1.9536 x 10° 25
R4 6.5345 x 10! 62
RS 1.3509 x 107 62
R6 6.8284 x 10° 76
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Table 11 — Kinetic parameters applied on Van't Hoff expressions for each inhibiting species.

o, 2.3431x 107* —73
H,0 4.3045 x 10* —16
co 1.2926 x 10° —-37

Surface chemistry was evaluated with surface temperature (Ts) and mixture composition at the
external interface between washcoat and the bulk gas flow ([Yk,w]).

4.1.3 Transport phenomena

A strong coupling between transport and surface chemistry characterizes the overall performance
of a catalytic reactor. Heat and mass external transport coefficients (h and K,,4.x) appearing in
balance equations are evaluated through Nusselt and Sherwood correlations, respectively. Since
the honeycomb monolith has square shaped channels, Nusselt correlation given by expression
(14) has been widely applied in literature [158].

Nu = 2.977 + [8.827(1000 X*)~*545]Exp(—48.2 X*) (14)

Applying the Chilton-Colburn analogy, Sherwood number is given by expression (15) where the
dimensionless distance on both correlations is evaluated through expression (16).

Sh =2.977 +[8.827(1000 X*)_0'545]Exp(—48.2 X") (15)
X — Xin
X* =
the (16)

Diffusional limitations along the porous nature of the washcoat layer were considered through
isothermal generalized effectiveness factors (expression (17)) computed with the generalized
Thiele moduli given by expression (18), where the limiting species is denoted by k.

h
Ng = M (17)
iR
_ 8cat.dr (Ci)Pcat.

CS
JZ fclfkq Def,kCIR (Ck)pcat.dc

Random pore model [159] was employed to evaluate effective diffusivities considering a typical
bimodal pore structure [146] with both molecular and Knudsen diffusion contributions through the
Bosanquet formula. Molecular diffusion coefficients, for each diffusive limiting species, were
evaluated using the Fuller-Schettler-Giddings correlation [160].
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Radiative heat losses from the glowing entrance of a catalytic monolith are expected in the
absence of an inert heat shield located upstream the catalytic monolith. The inlet solid fraction of
the catalytic monolith and the inner channel walls contribute to enlarge the radiative heat losses
towards inlet manifold surfaces. Both sources of radiative heat losses were properly accounted for
in the model scheme.

Radiative heat transfer in solid phase (fifth term of equation (11)), which also accounts for radiative
heat losses near the boundaries of the catalytic monolith, was modeled through the Zone method
[151] considering the gaseous mixture radiatively non participating due to the weak radiative
contribution of combustion gases [152].

In the present study, the radiative enclosure is composed by a cylindrical channel and then surface
zones are treated either as disk or ring shaped surfaces characterized by the hydraulic diameter of
the channels of the honeycomb monolith. Expressions to compute shape factors between all types
of surfaces (disk-disk, disk-ring and ring-ring) were derived based on the analytical solution of two
parallel and coaxial disks [161] and exploiting reciprocity and summation laws. The inlet and outlet
disk shaped surfaces of the enclosure represent both inlet and outlet manifolds and once the
available space upstream and downstream the monolith section is relatively small a behavior
different than black body is preferable for these surfaces [162-163]. Moreover, the exchange
temperatures for inlet and outlet disks were kept equal to the inlet feed mixture temperature and
outlet gas temperature, respectively.

After computing the direct exchange areas (5;s)) between all pairs of surface zones (using shape
factor expressions) a simple matrix manipulation [164] was then applied to obtain the total
exchange areas (TS]) which, in a non-participating media, account for both direct radiation
between surfaces as well as multiple reflections on surface zones.

Finally, having already computed total exchange areas, the net radiative heat flux for each surface
zone, which appears in the energy balance of solid phase, is given by expression (19).

NS
1
qs; = &0Ts — A—az S;Si T;; (19)
Si .
l ]=1

4.1.4 Physical model

The catalytic reactor consists in a 600 cpsi honeycomb monolith without front and back shields to
prevent heat losses by radiation. Figure 37 shows the computational domain employed for
numerical activities. Tables 12 and 13 describe the geometrical properties of the monolith and its
thermo-physical properties, respectively.

cat.

ol > X
Figure 37. Schematic representation of the computational domains. L.,; = 2.0 cm.
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Table 12 — Geometrical properties of the honeycomb monolith catalyst after washcoat application.

Monolith diameter [cm] 3.70
Monolith length [cm] 2.00
Cell density [cpsi] 600
Cell shape [—] Square
Bed porosity [%] 70.00
Specific surface area [cm™!] 32.27
Cell hydraulic diameter [cm] 0.087
Washcoat thickness [um] 40.00

Table 13 — Thermo-physical properties of the honeycomb monolith catalyst.

Solid conductivity [W.m™1. K™1] 3.00
Washcoat density [kg. m™1] 1.50
Surface emissivities [—]

Inlet/Outlet manifold surfaces 0.15
Washcoat surfaces 0.45
Blank monolith ends 0.50

4.1.5 Boundary conditions

Danckwerts type of boundary conditions applied at the inlet section for gas phase equations
(expressions (20) and (21)) should be always preferable, instead of the Dirichelt boundary
conditions, in all kinds of situations (with or without a front heat shield) regarding the adopted
dispersion mathematical model [165]. For the energy balance of solid phase a radiative boundary
condition is always considered (expression (22)).

At catalyst’s exit section zero-Neumann type of boundary condition expressions (23), (24) and
(25)) is applied to all differential equations since all gradients become insignificant.

Inlet section Qutlet section
Y oY,
uU(Yig — Yiin) — Di g a—xg =0 (20) a_xg _ 23)
aT, T
PotiCpg(Ty = Toin) —kg =2 =0 (21) S2=0 (24)
oT. o7
ksa_xs — oeg(Td - T;in) =0 (22) a_xs — 0 5)
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4.2 Numerical model

The present mathematical model was implemented in an in-house version of PREMIX code [166]
from CHEMKIN family combustion codes. To reduce the boundary value problem to a system of
non-linear algebraic equations finite difference approximations are employed. Then on a non-
uniform coarse initial mesh the program attempts to solve the problem through a damped Newton’s
method. An adaptive mesh procedure based on gradient and curvature resolutions between
gridpoints is always applied to reach finer meshes after a converged solution on a previous mesh
is attained. If the solution lies out of the steady-state domain of convergence a time-stepping
procedure is also applied to bring the solution into steady-state domain of convergence of
Newton’s method.

All thermodynamic and transport data were evaluated using CHEMKIN correlations [167-168] with
thermodynamic and transport coefficients given by GRI-Mech 3.0 database [169].

4.3 Importance of gas-phase reactions

The role of homogeneous reactions during biogas CPOx on the overall reactants conversion is
analysed with two elementary reaction mechanisms that were incorporated into the numerical
model: GRI-Mech 3.0 [169] and the detailed kinetic scheme proposed by Ranzi and co-workers
[170].

An inlet feed temperature of 400 °C, an air ratio of 0.29, a fuel volumetric flow rate equal to 4
NL/min under atmospheric pressure conditions were considered as well as synthetic biogas
mixture with a CH4/CO; ratio of 1.5. Figure 38a presents the gas and solid thermal profiles as well
as molar fractions of gas phase species with and without the application of homogeneous

reactions.
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Figure 38. Importance of homogeneous chemistry: (a) comparison of thermal profiles and
product distribution computed with and without gas phase chemistry (GRI3.0-Mech); (b)
minor gas phase species.

In particular, results on Figure 38a were evaluated with GRI3.0-Mech but employing the
mechanism suggested by Ranzi a practical similar result is observed (not shown). No apparent
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difference in temperatures and product distribution between the numerical results with and without
homogeneous chemistry is observed. The homogeneous reaction pathway is significantly lower
than the kinetic role of the catalyst to convert the reacting feed mixture. Figure 38b shows the
minor species of the bulk gas phase computed with both reaction mechanisms.

Figure 39 presents the methane consumption rate by the two chemical routes. It is observed that
the homogeneous conversion of methane is about five orders of magnitude lower than the
conversion of methane through surface reactions.
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Figure 39. Contribution of gas phase and surface reactions on the conversion of methane.

From this brief analysis one reaches to the conclusion that homogeneous side reactions are
insignificant in the overall reaction pathway. For this reason the numerical results that follow were
evaluated without considering gas phase reactions for the sake of fast numerical computations.

4.4 Model Validation

The experimental characterization of the FC-District reactor performance under biogas CPOx
operation was performed by TUBAF. A clean model biogas with a CH,/CO, ratio of 1.5 was
considered as well as an extensive range for air ratios (0.19-0.34), inlet feed temperatures (400-
450 °C) and flow rates (5-14 NL/min). The experimental data required for model validation, namely
the integral reactor product distribution was reported in the deliverable D3.1.4.

Figure 19 and 20 present the numerical and experimental results for thermal profiles and product
mixture composition at the outlet catalyst section. In particular, Figures 19a and 19b show the
system performance to variations in the air ratio value. Following the experimental data, an
increase on the value of the air ratio is responsible for a general increase in the temperatures
along the catalyst bed, an increase in the molar fraction of total oxidation species (H,O and H,) and
a decrease of partial oxidation species (H, and CO). Such experimental trends are very well
predicted by the model, not only in a qualitative way but mainly in a quantitative manner. The
trends observed on thermal and species profiles with an increase on the air ratio are generally
related to a progressive shift from partial to total methane oxidation.

Figure 20a and 20b presents the reactor response for different fuel flow rates. Regarding the
thermal behaviour higher temperatures were experimentally measured and predicted by the model
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for higher fuel flow rate values. Also observable as the fuel flow rate increases is the dislocation of
the maximum gas temperature towards the outlet reactor section. The product distribution is almost
insensitive to variations on the feed flow rate but from the theoretical standpoint a decrease in fuel
conversion and syngas selectivity are somewhat expected due to a decrease in the residence time.
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Figure 19. Numerical and experimental results for temperature and integral product
distribution at different air ratio values: (a) Ty, = 400 °C and Vg, = 5 NL.min™?; (b)
Tmix = 450 °C and Vg, = 5 NL.min™2.
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Figure 20. Numerical and experimental results for temperature and integral product
distribution at different fuel flow rates: () Ty, = 400 °C and A = 0.33; (b) T,,i, = 400 °C
and A1 = 0.31.
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A general good agreement between experimental data and numerical results is observed.

4.5 Parametric study

A parametric study was conducted with the numerical model presented to achieve an optimal
operating regime for biogas reforming through CPOx with air. It was considered a reformer inlet
feed mixture temperature of 400 °C, a range for A between 0.23 and 0.35 and a range for the fuel
flow rate from 5 to 13 NL/min. A pure CH4-CO, mixture with a CH4/CO, ratio equal to 1.5 was
considered.

Figure 21a presents the CH, conversion as a function of the air ratio and the fuel flow rate. A slight
decrease of CH,4 conversion is detected as the fuel flow rate increases. An evident increasing trend
of CH,4 conversion is noticed varying the air ratio value. An almost complete (>99%) consumption
of CH, is observed at the highest air ratio value (A=0.35) independently of the fuel flow rate. The
computed tendency of the methane conversion with the air ratio follows the thermodynamic
equilibrium results. The maximum value of CH4 conversion (99.97%) is registered at A=0.35 for the
lowest flow rate considered (5 NL/min).

Figure 21b presents the integral reforming efficiency computed through expression (1). A small but
noteworthy decrease in the reforming efficiency is observed as the fuel flow rate increases.
Increasing the air ratio the reforming efficiency increases expressively until a maximum is attained
between 0.31 and 0.33 depending on the fuel flow rate. In the whole range of air ratio and fuel flow
rate the maximum reforming efficiency (90.11%) is observed at 0.31 and 5 NL/min.
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Figure 21. CH,4 conversion (a) and integral reforming efficiency (b) predicted by the
numerical model for an inlet gas temperature of 400 °C.
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The H, and CO selectivities are shown in Figures 22a and 22b. Regarding the selectivity of H, a
decreasing tendency is observed as the air ratio is increased and a slight decrease is noticed for
higher fuel flow rates. The maximum value for H, selectivity (80.45%) is registered in the minimum
value for air ratio (0.23) and fuel flow rate (5 NL/min). The CO selectivity, on the contrary increases
as the air ratio is increased and as a smooth maximum between 8-10 NL/min. The maximum value
for CO selectivity (74.01%) is remarked at 0.35 and 9 NL/min.
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Figure 22. H, (a) and CO (b) selectivity predicted by the numerical model for an inlet gas
temperature of 400 °C.

The temperature distribution and the presence of hot-spots along the catalyst bed is an issue that
deserves a special attention. It is widely recognized that high temperatures (say above 1000 °C)
can trigger thermal changes in the catalyst support structure (phase transformations) and a
decrease in the metal dispersion. These two effects, commonly known as thermal sintering,
ultimately lead to a decrease in the active metal surface area and then to a decrease of the
catalyst intrinsic activity.

Figure 23a shows the maximum predicted catalyst surface temperature. Although not shown, the
maximum surface temperature in a fresh catalyst sample is located very near the inlet section of
the catalyst (see Figures 19, 20). The maximum surface temperature markedly increases with both
air ratio and fuel flow rate. The maximum value which was registered in the limit of the air ratio and
fuel flow rate ranges was 1404 K. A prolonged exposure of the catalyst to such aggressive thermal
environments can lead to its rapid deactivation.
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Figure 23. Maximum catalyst surface temperature (a) and outlet gas temperature (b)
predicted by the numerical model for an inlet gas temperature of 400 °C.
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The outlet gas temperature is presented in Figure 23b and shows a similar behaviour with the air
ratio and fuel flow rate as the maximum surface temperature.
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For a long term catalyst operation without loss of catalyst performance a maximum surface
temperature is recommended. Due to the catalyst composition and morphology such temperature
limit is herein chosen as 1000 °C. Figure 24 shows the range of air ratios and fuel flow rates that
guarantee a maximum catalyst surface temperature below 1000 °C (region denoted as “stable
operating regime”) and higher temperatures (“deactivation regime”).
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Figure 24. Range of operating conditions that assure a stable operating regime, far from
thermal deactivation concerns, for an inlet gas temperature of 400 °C.

Figure 25 presents the pressure drop in the whole catalyst bed. Since the momentum equation
was not incorporated in the model the pressure drop was computed in a post-processing stage
with the interstitial velocity and viscosity fields along the whole monolith through the correlation
shown in expression (26).

Pressure Drop [mbar]

Figure 25. Pressure drop in the catalyst monolith for an inlet gas temperature of 400 °C.
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LCat
AP = 32. —p.u? 2
Re.dhp u ( 6)

Figure 25 shows the pressure drop increasing with both the air ratio and the fuel flow rate. The
lowest pressure drop value (0.52 mbar) is observed at the lowest values of air ratio (0.23) and fuel
flow rate (5 NL/min). A maximum value of 2.72 mbar is registered for the most severe operating
condition (0.35 and 13 NL/min).

Disregarding the downstream requirements of the fuel cell stack the most profitable operating
condition for synthetic biogas CPOx at atmospheric pressure and T,,;, = 400 °C is defined by
A=0.31 and Vfuez =5 NL/min. These values were chosen within the “stable operating regime”
(see Figure 24) as those which return a higher reforming performance.



&T“ﬂ’ D3.3 Biogas fuel utilization at the FC-District unit Page 72 of 118

5. Conclusions

The present document focuses on conventional non-catalytic and catalytic reforming strategies
applicable for biogas.

The utilization of biogas in the FC-District uy-CHP unit requires a cleaning procedure of biogas to
avoid corrosion of the fuel processing components and catalyst deactivation issues.

Thermal partial oxidation reforming requires higher operation temperatures than catalytic partial
oxidation reforming which imply a higher energy cost. Moreover, the high temperature values along
the manifolds can lead to kinetically controlled undesirable effects decreasing the overall system
efficiency.

Among the four catalytic reforming strategies, the catalytic partial oxidation and autothermal
reforming of biogas are the most appealing catalytic strategies to biogas conversion into synthesis
gas for practical and sustainable applications. However, due to the high endothermicity of catalytic
decomposition and steam reforming of biogas the requirement of external heat supply is
mandatory which increases the overall energy demand.

Since the FC-District y-CHP unit does not include neither a heat supply component to the reformer
nor a steam generator, catalytic decomposition, steam reforming and autothermal reforming of
biogas are not suitable. Therefore catalytic partial oxidation of biogas with air is the most suitable
reforming strategy to be integrated in the FC-District uy-CHP system.

The models embodied in numerical calculations presented in this report combined with the
experimental validation allow the proper selection of operating conditions that yield high selectivity
towards synthesis gas and low concerns on catalyst stability namely due to carbon formation and
catalyst deactivation.
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Appendix I: Biogas/landfill gas production

1. Biogas - Methanogenic fermentation process description

Methane fermentation is a versatile fermentation biotechnology which is able to convert all classes
of polymeric materials into methane and carbon dioxide under anaerobic conditions. This process
is obtained as a result of consecutive biochemical breakdown of polymers into methane and
carbon dioxide in an environment in which harmoniously coexist a variety of microorganisms such
as fermentative bacteria (acidogenics), hydrogen producers, acetate producers (acetogenics) and
methane-producing (methanogenics), producing the final products in reduced state. Anaerobic
microorganisms play an important role in establishing a stable environment in various stages of
methane fermentation.

Methane fermentation offers effective ways to reduce pollution through processes that are more
efficient than conventional aerobic processes. Although anaerobic digestion is practiced for several
decades, only recently the interest in this area focused on the capitalization of fuel gas obtained
from industrial and agricultural waste.

Methane fermentation is the result of a series of metabolic interactions between different groups of
microorganisms. A description of the microorganisms involved in methane fermentation, based on
an analysis of bacteria isolated from the activated sludge digesters and manure from several types
of animals, is illustrated in Figure I-1. The first group of organisms secretes enzymes to hydrolyze
polymeric materials such as glucose and amino acid monomers, which are further converted into
volatile fatty acids, H, and acetic acid (Figure I-1, stage 1). In the second stage, hydrogen-
producing acetogenic bacteria convert volatile fatty acids produced (ex. propionic and butyric acid)
in H,, CO, and acetic acid. Finally, the third group, methanogenic bacteria convert the H,, CO, and
acetates in CH, and CO..
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Figure I-1. Mechanisms involved in the methanogenic fermentation.

1.1 Hydrolysis and acidogenesis

Polymeric materials such as lipids, proteins and carbohydrates are hydrolysed primarily by
extracellular hydrolases excreted by microorganisms present in stage 1 (Figure I-1). Hydrolytic
enzymes (lipases, proteases, cellulases and amylases, etc.) hydrolyze the polymers to



&T“ﬂ’ D3.3 Biogas fuel utilization at the FC-District unit Page 87 of 118

correspondent smaller molecules, primary monomer units, which are then consumed by
microorganisms. In the methanogenic fermentation of wastewater with high concentration of
organic polymers, the hydrolytic activity relevant to each polymer has a great significance, since
polymer hydrolysis may become a limiting step in producing a simple bacterial substrate to be used
in the next stages of decomposition.

Lipases convert lipids to long-chain fatty acids. It has been reported a population density of 10 -
10° lypolitic bacteria per ml of fluid in the digester. It seems that micrococci and clostridia are
responsible for the most part, for the production of extracellular lipase. Long-chain fatty acids
produced are further reduced by p-oxidation to produce acetyl CoA.

Proteins are generally hydrolysed into aminoacids by proteases secreted by Bacteroides,
Butyrivibrio, Clostridium, Fusobacterium, Selenomonas and Streptococcus. Aminoacids produced
are then broken down into fatty acids such as acetate, propionate and butyrate and ammonia as
shown in the case of Clostridium, Peptococcus, Selonomonas, Campylobacter, and Bacteroides.
Polysaccharides such as cellulose, starch and peptides are hydrolysed by cellulases, amylases
and peptilases. Most of microbial cellulases are composed of three species: (a) endo-(3-1, 4-
glucanase, (b) exo-p-l, 4-glucanases, (c) or p-glucosidase cellobiose. The three enzymes act
synergistically on cellulose to effective hydrolization of its crystalline structure to produce glucose.
Microbial hydrolysis of raw starch into glucose requires amylolytic activity, which consists in five
species of amylase: (a) a-amylases which cleaves a = 1-4 internal linkages (b) p-amylases which
cleaves the a + 1-4 external links (c) amyloglucosidases which exocleaves the a + 1-4 and a + 1-6
links (d) decomposing enzymes that act on the a + 1-6 links (e) maltases acting on maltoses
releasing glucose. Peptides are decomposed by peptinases, including peptinesterases and
depolymerases. Xylans are decomposed with a? endo-xylanases and a® xylosidases to produce
xylose.

Hexoses and pentoses are generally converted into C2 and C3 intermediates and reduced electron
carriers (ex. NADH) through common procedures. Most anaerobic bacteria support a hexose
metabolism by the Emden-Meyerhof-Parnas (EMP) pathways that produce pyruvate with NADH as
a facilitator. Pyruvate and NADH thus generated are converted into the endo-products of
fermentation such as lactate, propionate, acetate and ethanol by other enzymatic activities which
vary greatly from one microbial species to another.

Thus, in hydrolysis and acidogenesis (Figure I-1, stage 1), sugars, amino acids and fatty acids
produced by microbial decomposition of biopolymers are sequentially metabolized by fermentation
of endo-products such as lactates, propionates, acetates and ethanol by other enzymatic activities
ranging greatly from a microbial species to another. In hydrolysis and acidogenesis (Figure I-1,
stage 1), sugars, amino acids and fatty acids produced by microbial decomposition of biopolymers
are metabolized by successive groups of bacteria and are fermented primary to acetate,
propionate, butyrate, lactate, ethanol, carbon dioxide and hydrogen.

1.2 Acetogenesis and dehydrogenation

Although part of the acetate (20%) and hydrogen are produced directly by acidogenic fermentation
of sugars and amino acids they are both derived products resulting from dehydrogenation and
acetogenesis of very volatile fatty acids.

Mandatory H,-consuming acetogene bacteria are capable of producing hydrogen and acetate from
higher fatty acids. Only in Syntrophobacter wolinii, a decomposer of propionate, a butyrate
decomposer could be isolated due to technical difficulties involved in isolating pure strains because
hydrogen produced strongly inhibits the growth of these strains. Using combined techniques
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incorporating both cultures of consumers of H, and methanogenic and sulfate reducing bacteria
has facilitated the elucidation of biochemical decomposition of fatty acids.

Production of hydrogen by acetogene bacteria is generally energy unfavorable due to the high
needs for free energy. However, a combination with H,-consuming bacteria has provided favorable
conditions for decomposition of fatty acids to acetate and CH, or H,S.

As an addition to the decomposition of long chain fatty acids, ethanol and lactate were also
converted to acetate and hydrogen by an acetogenic bacteria respectively Clostridium
formicoaceticum.

Effect of hydrogen partial pressure on the free energy associated with the conversion of ethanal,
propionate, acetate and H,/CO, during the methanogenic fermentation is shown in Figure 1-2. A
very small partial pressure of H, (10 atm) seems to be a significant factor in the degradation of
propionate to methane.
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-mcu‘omm, -vzcn +COOH + K, - 14 CH, » VR0
A
|

1/3 CHyCH,COOH + 213 H,0 LOG i) (mmmm
= L3 CHyCOOH + 113 00,4 + Hy D iriva
REGION FOR PROPIONATE
TO METHANE

Figure 1-2. Effect of hydrogen partial pressure on the free energy associated with the
conversion of ethanol, propionate, acetate and H,/CO, during the methanogenic
fermentation.

1.3 Methanogenesis

Methanogenic bacteria are physiologicaly related as methane producers by anaerobic digestion.
Although acetate and H,/CO, are the main substrates in nature, these are converted to CH, and
formate, methanol, methylamines, and CO.

Reactions proposed to be involved in the catabolism of fatty acids by Syntrophomonas Wolfei are:
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e Acids with even number of carbon atoms

CH3CH,CH,COO™ + 2 H,0 <2 CH3COO ™ + 2H, + H*
CH3CH,CH,CH,CH,COO" + 4 H,0 «» 3 CH3;COO™ + 4H, + 2H"
CH5CH,CH,CH,CH,CH,CH,COO™ + 6 H,0 <> 4 CH;COO" + 6H, + 3H"

e Acids with odd number of carbon atoms

CH3CH,CH,CH,COO™ +1 H,0 «» CH3CH,COO™ + CH;COO +2 Hy + HY
CH3CH,CH,CH,CH,CH,COO™ + 4 H,0O «+» CH3CH,COO™ + 2 CH;COO™ +4 H, + 2H"

e Branched-chain acids

CH3CHCH,CH,CH,COO" + 2 H,0 « CH3CHCH,COO + CH;COO + 2H, + H'

I I
CH3 CH3

Table I-1. Exchanges of free energy from reactions involving anaerobic oxidation in pure cultures
or mixed cultures with H, users bacteria or Desulfovibrio species.

| Chemical reaction ﬁgioti(gﬁ)/
1. Proton reducers acetogenic bacteria (producers of Hy)
A. CH3CH,CH,COO™ + 2H,0 «<»2 CH;COO™ + 2H, + H" +48.1
B. CH3;CH,COO™ + 3H,0 «» CH3;COO + HCO3 + H" + 3H, +76.1
2. Methanogenic bacteria that use H, and Desulfovibrio species
C.4H, + HCO3 + H "«» CH4 + 3 H,0 - 135.6
D. 4H, + S0, + H" <> HS" + 4 H,0 -151.9
3. Combinated culture 1. + 2.
A + C 2 CH;CH,CH,COO" + HCO3 + H,0 «» 4 CH;COO + H" + CH, -39.4
A + D 2 CH3CH,CH,COO" + S0,” «+» 4 CH3COO ™ + H" + HS' -55.7
B + C 4 CH3;CH,COO™ + 12H, «» 4 CH;COO + HCO3 + H" + 3 CH, -102.4
B + D 4 CH;CH,COO™ + 3 S0, <> 4 CH;COO + 4 HCO3 + H" + 3HS -151.5
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Table I-2. Energy producers reactions of methanogenic bacteria.

Chemical reaction - G° (kd/mol substrate)

CO, +4 H, —» CH,4 + 2H,0 -130.7
L HCO3 + 4 Hy, + H" — CH, + 3H,0 -135.5
) CH3;COO+ H" — H, + CO, -37.0

CH;COO+ H,O0 — CH,4 + HCOg3 -32.3
3. HCOO + H" — 0.25 CH, + 0.75 CO, + 0.5 H,0 -36.1
4. | CO+0.5H,0—-0.25CH,+0.75 CO, -52.7
5. | CO+0.5H,0 - 0.25CH,; +0.75 CO, -79.9
6. | CH;OH — 0.75 CH, + 0.25 CO, + 0.5 H,O -57.4
7. | CH3NH;" + 0.5 H,0 — 0.75 CH, + 0.25 CO, + NH," -112.2
8. | (CH3),NH," + H,O — 1.5 CH, + 0.5 CO, + NH," -105.0
9. | (CH3)sNH+ 1.5H,0 — 2.25 CH, + 0.75 CO, + NH," -170.8

Since methanogenic bacteria are mandatory anaerobic and require a minimum redox potential of
-300 mV to growth, isolation and cultivation is quite cumbersome due to difficulties encountered in
their handling conditions without O,.

Metanogenic bacteria can be divided into two groups:

- H,/CO, consumers;

- acetate consumers.

Although some H,/CO, consuming bacteria are able to utilize formate, acetate is consumed only by
a limited number of strains, ex. Methanosarcina and Methanothrix (Methanosaeta) that are unable
to use formate. Because in the nature it is produced a large amount of acetate, and
Methanosarcina Methanothrix play an important role in finalizing the anaerobic digestion and
accumulation of H,, which inhibits acetogenic and methanogenic organisms. H, consuming
methanogenic bacteria are also important in maintaining low levels of atmospheric H,.

H,/CO, consuming methanogenic bacteria reduce CO, as an electron acceptor by mechanisms
types such as: formate, methynil and methyl, in association with less usual coenzymes to
ultimately produce CH,.

Acetoclasic general reaction can be expressed this way:

CH3COOH — CH4 + C02

As a small part of CO, is also formed from carbon derived from methyl group, it is assumed that
the reducing potential producted by group CHs;-, could reduce CO, to CH,.

2. Landfill gas

Landfill gas is produced by the microbial decomposition of organic substances in humid media.
Like other fermentation gases, landfill gas is vapour-saturated and consists predominantly of
methane and carbon dioxide. In addition, landfill gas contains a variety of trace compounds. The
decomposition processes run over several stages and can be divided into an aerobic phase and an
anaerobic phase.
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In the first stage, immediately after the disposal of the waste, the biologically easily available
organic materials, such as simple carbohydrates (glucose) and certain proteins are decomposed in
an aerobic way, as long as oxygen is present in the landfill body. As main products, carbon
dioxide, which is set free into the gaseous phase, water and mineral components are formed.

The significant decomposition processes carry out themselves under anaerobic conditions, as
soon as the oxygen is consumed by the aerobic processes in the landfill body. The complete
anaerobic decomposition of organic wastes takes place under disproportionation reactions.
Typically, for the time dependent progress of complex biochemical degradation processes taking
place in the landfill body, characteristic phases are recognised, in which differently built up gases
are emitted. In Figure 1-3 are shown the concentrations of the main gas components over a period
of several decades and the four most important phases of the landfill gas development.
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Figure I-3. Evolution of landfill gas composition over time.

If waste is freshly disposed in the landfill body, the decomposition reactions taking place in the first
phase under anaerobic conditions are the decompaosition of the organic fractions (carbohydrates,
fats and proteins) to simple sugars, fatty acids and amino acids. In phase |, the oxygen available in
the pore area is rapidly used by the aerobe micro-organisms; therefore only easily decomposable
materials are degraded. The phase | persists between one week and several months. The further
decomposition processes are anaerobically executed. Facultative anaerobic bacteria decompose
the complex waste components in phase Il to fatty acids, alcohols, carbon dioxide, hydrogen and
water. The N,-concentration in the landfill body sinks and CO,-concentrations of up to 80% are
reached. Phase Il is also called “acid fermentation” because of the strong rise of fat and carbonic
acids. In phase Il (duration: 3 months to 3 years), the methanogenic bacteria begin to reduce the
fatty acids to methane and carbon dioxide, while the hydrogen content drops. About 1-3 years after
bringing the waste materials into the landfill body, the phase IV will achieve the so-called stable
methane fermentation, which leads to a constant ratio of the CH4 to CO, production (1.3-1.4) and
which remains constant over a long period of up to 40 years. Oxygen and nitrogen appear in
landfill gas only as trace components. A long-term phase follows phase IV up, which is
characterised by a rise of the CH,/CO, ratio (1.5-4). Methane contents of up to 80% can be
achieved here. After the long-term phase the air penetration air phase follows up, in which due to
the leaving landfill gas production, the gas pressure in the landfill body decreases and thus, air
from outside can penetrate into the landfill body. This leads to an oxidation of methane, whereby
the atmospheric oxygen is used. A rise in the CH4/CO, ratio is caused by the dropping of the CH,4
content. The more air penetrates into the landfill body the more methane is oxidised to CO,; the
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CH,/CO, ratio decreases down to a value of <1. In this phase no more gas is emitted into the
atmosphere. With progressive aging of the landfill body, the CH, production finally succumbs.
Within remaining regions of the landfill body, where still another anaerobic environment prevails,
CH, is completely converted into CO,, so that the CO,-concentration increases in relation to the
normal ground air composition. Remaining organic material is converted now by aerobic
decomposition to CO,. No more CO, is formed by the terminated decomposition of the organic
material; penetrating air reduces the CO, content to some percents, while the oxygen
concentration rises to 18-20%.

In the landfill body gases are formed by microbial degradation activity, which is mainly composed
of CH, and CO,. In the stable methane phase a concentration relationship of 6:4 to 6:5 between
CH,4 and CO; is reached. These values change for covered landfills and very little for large depths
in the landfill body. The landfill gas composition of an entire landfill, changes if in individual landfill
sections specific situations occur. Depending on how the landfill gas is collected (type of collection
system) and taken out of the landfill body, a mixed landfill gas arises, which is diluted with air.
Nitrogen and oxygen must be considered therefore, as main components in the landfill gas
mixtures. If the nitrogen concentration is larger than 18%, leakages in the suction system are
probably present or the suction performance of the degassing plant is too high.

Apart from the main components, landfill gas consists of a multiplicity of organic and inorganic
trace compounds. These trace component represent a complex mixture of more than hundred
single materials, which can constitute up to 15 Vol.-% of the landfill gas. Here it is to be
considered, that substantial fluctuations of the composition and the material concentrations can
occur from landfill site to landfill site, as well as within a landfill body. The following substance
classes have been detected in landfill gas: a) aldehydes & ketones, b) esters & alcohols, c) ethers,
d) inorganic & organic-nitrogen compounds, e) alkanes & cycloalkanes, f) alkenes & cycloalkenes,
g) terpenes, h) aromatics, i) veavy-volatile organics (PAH, PCB), j) organometallics, k) halogenated
compounds including CFC’s, |) hydrogen sulphide & sulphur-organic compounds, m) silicon-
organic compounds (volatile siloxanes and silanes).

The main components of the identified trace materials are alkanes, terpenes, aromatic compounds,
halogenated hydrocarbons, hydrogen sulphide and siloxanes. The mentioned trace compounds
are on the one hand, intermediate catabolic products of the microbial degradation of the biomass
and on the other hand, they can occur in the landfill body through the storing of waste or through
the biochemical conversion of such stored materials. From natural processes of transformation
results from example, esters, aldehydes and alcohols (decomposition of carbohydrates), while
sulphur-organic compounds are formed by the decomposition of amino acids.

Sulphate-reducing bacteria are responsible for the production of hydrogen sulphide. Terpenes can
develop either by the decomposition of biomass or by being brought into the landfill by a multiplicity
of products, which contain terpenes as scent components or fruit essences. Terpenes can be
converted by dehydrogenation into substituted benzene, which are found later in the landfill gas.
Aromatic compounds (BTX) count likewise to the anthropogenic trace components, which are used
as solvents in various technical products (for example cleaning gasoline). Also halogenated
hydrocarbons are frequently used as solvents, for instance during the dry-cleaning or the treatment
of textiles.

Landfill gas is in comparison to biogas, heavily loaded with pollutants. The broad spectrum of the
landfill gas components requires relatively complex gas processing methods.
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Appendix lI: Elemental and compositional analysis of
biogas/landfill gas

Tables 1I-1 to 11-14 of section 1 of this appendix show the landfill gas composition of some of
municipal landfill sites in Germany, Italy, Spain and Finland [1-2]. The analyses confirm the general
statements about the landfill gas composition mentioned before. Beside alkanes and terpenes,
BTX and siloxanes are present in substantial concentrations. The contents of chlorinated
compounds and CFC’s in the landfill gas are clearly lower. The use of these compounds was
strongly limited in the past years or completely forbidden, so that in the course of the time, the
storage of halogenated compounds was constantly reduced and for this reason their fraction in the
landfill gas drops down. The landfill gas at all sites contains variable concentrations of siloxanes.

1. Composition of some of municipal landfill sites in Germany, Italy, Spain
and Finland

Table II-1. Sewage gas composition from a plant in Germany [1].

[vol.-%] Composition (Dry) From Until Average
Methane CH, 59.5 73.8 65.0
Carbon Dioxide CO, 39.5 25.9 34.0
Nitrogen N, 1.0 - 1.0
Oxygen O, 0.01 0.3 0.1
Trace Hydrogen Sulfide H,S 100 1.000 500
Compounds Ammonia NHs 0.1 10 0.1
[mg/mq] Alkane 0.1 6 0.1
C,.. KW [vol.-%)]
Characteristic Heat of Combustion [kWh/m?] 6.6 8.2 7.2
Technical Calorific Value [kWh/m®] 6.1 7.4 6.5
Combustion Rel. Density d(Air=1) 0.97 0.81 0.90
Data Wobbe Index [kWh/m?] 6.7 9.1 7.6

Table 1I-2. Average Raw Sewage Gas Composition at the Sewage Treatment Plant Wuppertal

Kohlfurth — Germany [1].

Formula

Compound

Major Components
Methane CH,
Carbon Dioxide CO;

Vol.-% 62-66
Vol.-% 33-37
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Minor Components
Nitrogen N, Vol.-% <0,2
Oxygen O, ppm <500
BTX

Benzene CsHs ppb 30-50

Toluene C/Hg ppm 2-25
Xylene’ CgHio ppb 100-250
Trimethylbenzene™ CoH1» ppb 100-200

Sulphur

Hydrogen Sulphide H,S ppm 7-35

Carbonyl Sulphide Cos ppb <100

Methanethiol (methyl mercaptan) CHsSH ppb <100

Carbon disulphide Cs, ppb <50

Chlorine
Chlorobenzene CeHsCl ppb <20
Siloxane

L2-Hexamethyldisiloxane CeH150Si» ppb <40

L3-Octamethyltrisiloxane CgH»40,Sis ppb <350

L4-Decamethyltetrasiloxane C10H3003Si, ppb <180

D3-Hexamethylcyclotrisiloxane CeH1503Sis3 ppb <100

D4-Octamethylcyclotetrasiloxane CgH2404Si, ppb <500
D5-Decamethylcyclopentasiloxane C10H3005Sis ppb <1000

" representative for o-/p-/m-Xylene or Ethylbenzene
" representative for 1,3,5 — Trimethylbenzene and 1,2,4 — Trimethylbenzene

" indirect Calibration with off — line data from the company C.A.U. Dreieich

Table 1I-3. Landfill Gas Analyses of two German Landfill Sites [1].

Description Landfill 1 Landfill2
Gases
Methane Vol.-% 54+1 5311
Oxygen Vol.-% 0.89+0.05 0.78+0.05
Carbon Dioxide Vol.-% 35+1 24+1
Nitogen Vol.-% 11.0+£0.5 23+£0.5
Hydrogen Vol.-% <1 <1
H,S and Sulphur-Organic Compounds

Hydrogen Sulphide ug/Nm?® 230000 45000
Methanethiol ug/Nm?® 560 88
Ethanethiol ug/Nm?® 130 78
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Dimethyl Sulphide ug/Nm?® 4000 32
¥ Methylthiophene ug/Nm?® 170 230
Alkanes
n-Butane ug/Nm?® 11000 6300
n-Pentane ug/Nm?® 14000 4500
2-Methylhexane ug/Nm?® 4600 1200
n-Heptane ug/Nm?® 9000 2600
2 Alkane C8 ug/Nm?® 8000 5600
2 Alkane C9 ug/Nm?® 17000 11000
Z Alkane C10 ug/Nm?® 42000 36000
¥ Alkane C11 ug/Nm?® 16000 13000
Alkenes
¥ Alkane C5 ug/Nm?® 2400 2200
¥ Alkane C6 ug/Nm?® 950 950
¥ Alkane C7 ug/Nm?® 490 330
¥ Alkane C8 ug/Nm?® 580 290
Cycloalkanes
2 Dimethylcyclopentane ug/Nm?® 3000 980
2 Dimethylcyclohexane ug/Nm?® 5000 2000
> Ethymethylcyclopentane ug/Nm?® 1600 850
2 Trimethylcyclopentane ug/Nm?® 490 250
2 Trimethylcyclohexane ug/Nm?® 6100 4300
2 Ethylmethylcyclohexane ug/Nm?® 5000 3500
¥ Cycloalkane C10 ug/Nm?® 11000 8200
Alcohols
2-Propanol ug/Nm?® 740 67
2-Methyl-2-Propanol ug/Nm?® 7000 3700
Fluorochlorohydrocarbons
1,1-difluoroethane ug/Nm?® 130 <5
1,1,1,2-Tetrafluoroethane ug/Nm?® 650 7
Chlorodifluoromethane ug/Nm?® 640 550
1-Chloro-1.1-Difluoroethane ug/Nm?® 800 47
Dichlorofluoromethane ug/Nm?® 920 180
1,1 Dichloro-1-Fluoroethane pg/Nm3 920 5
Chlorinated Componds
Vinyl Chloride ug/Nm?® 96 170
Cis-1,2-Dichloroethene ug/Nm?® 210 460

1,2-Dichloroethane ug/Nm?® 26 <5
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Trichloroethene
Tetrachloroethene
Chlorobenzene
1,4-Dichlorobenzene

2-Propanone
2-Butanone
4-Methyl-2-Pentanone

Benzene

Toluene
Ethylbenzene
m-/p-Xylene
O-Xylene
p-Isopropyltoluene
Naphthalene
Terpene

a Pinene
Limonene

Ester

Dimethyl Ether
Methyl-tert-Butyl-Ether
Tetrahydrofurane

Trimethylsilanol
Hexamethylsiloxane

Octamethyltrisiloxane

Hexamethycyclotrisiloxane
Octamethylcyclotetrasiloxane

Decamethylcyclopentasiloxane

Decamethyltetrasiloxane

Dodecamethylpentasiloxane

Tetramethylsinane

ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®
Ketones
ug/Nm?®
ug/Nm?®
ug/Nm?®
Aromatics
ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®

ug/Nm?®
ug/Nm?®
ug/Nm?®
Ethers
ug/Nm?®
ug/Nm?®
ug/Nm?®
Silanes and Siloxanes
ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®
ug/Nm?®

240
140

220
93

8300
5100
3300

3400
21000
22000
34000
11000
25000

80

79000
25000
<10

1800
280
5300

1200
5000
230
840
15000
3000
<5
<5
10

120
82
340
340

<10
<10
<10

2500
8800
16000
26000
6500
26000
130

65000
21000
<10

89
57
990

9000
6700
200
150
3100
380
<5
<5
260

Table II-4. Characterisation of Sewage Gas at the Site Terni — Italy [1].

Description

08/03/07

15:30

09/03/07  12/03/07
9:00 16:30
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Alkanes/Alkenes
Propane (*) mg/m?® <0.01 4.3 <0.01
2-methyl-1-propene (*) mg/m?® 2.3 9.2 1.5
2-methyl-2-butene (¥) mg/m?® <0.01 5.3 <0.01
Cis-1,2-dimethyl cyclopropane (*) mg/m?® 15 5.8 0.7
2-methyl-1-butene (¥) mg/m? 2.3 6.1 1.1
Hexane (**) mg/m?® <0.01 1.5 <0.01
Heptane (**) mg/m?® <0.01 0.5 <0.01
Octane(**) mg/m?® <0.01 1.8 <0.01
Aromatics
Benzene mg/m?® 35 17.7 0.9
Toluene mg/m?® 3.4 16.4 5.7
p+m-Xylene mg/m?® <0.01 2.6 <0.01
Halogenated Compounds
1,2-Dichloroethene mg/m?® <0.01 2.2 <0.01
Chloroform mg/m?® <0.01 0.8 <0.01
Tetrachloroethylene mg/m?® 0.06 2.8 <0.01
Chlorobenzene mg/m?® <0.01 0.8 <0.01
Siloxane
Hexamethylcyclotrisiloxane mg/m? <0.05 <0.05 <0.05
Octamethylcyclotetrasiloxane mg/m? <0.05 <0.05 <0.05
Decamethylcyclopentasiloxane mg/m? <0.05 <0.05 <0.05
Total Amounts
Inorganic Chlorine mg/m? 0.28 0.35 0.22
Organic Chlorine mg/m? <0.1 <0.1 <0.1
Total Chlorine mg/m? 0.28 0.35 0.22
Inorganic Florine mg/m? 0.11 0.15 <0.1
Organic Fluorine mg/m?® <0.1 <0.1 <0.1
Total Fluorine mg/m?® 0.11 0.15 <0.2
Sulphate mg/m?® 9.6 10.1 8.4
Hydrogen Sulphide mg/m?® 135.5 79.6 88.7
Total Halogenated-Organic Compounds mg/m?® 0.06 4.4 <0.05
Total Aromatic Compouns mg/m?® 13.9 73.2 9.9
Total Siloxanes mg/m?® <0.15 <0.15 <0.15

Table II-5. Further Gas Analyses of the Sewage Gas Site Terni - Italy [1].

o : Terni Terni
Description Unit

(Italy)13/06/07  (Italy)16/07/07
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Methane
Oxygen
Carbon Dioxide
Nitrogen

Hydrogen Sulphide
Methanethiol
Ethanethiol

Dimethyl Sulphide
F12

F11

F113

Vinychloride (VC)
Methylchloride
Dichloroethane
Dichloromethane
Trichloromethane (Chloroform)
Tetrachloromethane
1,1,1-Trichloroethane
Trichloroethene
Tetrachloroethene
Benzene

Toluene

Ethylbenzene
m,p-Xylene

0-Xylene

Cumene (i-Propylbenzene)
n-Propylbenzene
Mesitylene
Trimethylbenzene
Ethyltoluene
i-Propyltoluene

Pinene

Limonene
Tetramethysilane (TMS)
Trimethysilanol (MOH)

Hexamethyldisiloxane (L2)

Hexamethylcyclotrisiloxane (D3)

Vol.-%
Vol.-%
Vol.-%
Vol.-%
Minor componentes
mg/m?®
mg/m?
mg/m?*
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?
mg/m?
mg/m?
mg/m?
mg/m?
mg/m?
mg/m?
mg/m?
mg/m?
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®

mg/m?®

73.9
0.4
25.1
0.6

3.300
0.3
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
0.2
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1

49.1
4.1
29.7
16.9

<1
n.a.
n.a.
n.a.
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
2.0
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
<0.1
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Octamethytrisiloxane (L3) mg/m? <0.1 <0.1
Octamethylcyclotetrasiloxane (D4) mg/m?® 0.2 1.0
Decamethylterasiloxane (L4) mg/m?® <0.1 <0.1
Decamethylclclopentasiloxane(D5) mg/m?® 0.4 1.8
Total org. Si-Comp. mg/m?® 0.6 2.8
Total Si mg/m?® 0.2 1.1

Table 1I-6. Initial Gas Analyses of the Landfill Site Murcia Before and After Dehumidification
(10/01/07) — Spain [1].

Description Unit Before After
Gases
Methane Vol.-% 43.0 42.1
Oxygen Vol.-% 5.9 5.6
Carbon Dioxide Vol.-% 30.3 30.1
Carbon Monoxide ppmV 65 76
Ammonia (*) mg/m? 4.4 17
H,S
Hydrogen Sulphide (*) mg/m? 92 98
Alkanes
n-Butane mg/m?® 9.1 8.3
n-Pentane mg/m? 1.8 2.0
2-Methylbutane mg/m? 2.9 2.9
Hexane mg/m?® 0.9 0.9
n-Heptane mg/m?® 1.8 1.6
Decane mg/m?® 32.7 29.7
Undecane mg/m?® 4.2 2.8
Ketones
Acetone mg/m?® 10.9 8.1
2-Butanone mg/m?® 15.3 9.8
Cycloalkane
Methylcyclohexane mg/m?® 15 n.a.
Aromatics

Benzene mg/m? 1.4 1.9
Toluene mg/m? 63.7 62.1
Ethylbenzene mg/m? 19.1 18.7
m-/p-Xylene mg/m?® 46.7 45.8
o-Xylene mg/m?® 7.4 7.2
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Propylbenzene
1-Ethyl-2-methylbenzene
1-Ethyl-3-methylbenzene
1,2,3-Trimethylbenzene

a- Pinene
B- Pinene
Limonene

p- Isopropyltoluene (cumene)

Trimethylsilanol (*)
Hexamethyldisiloxane (*)
Octamethylcyclotetrasiloxane (*)
Hexamethylcyclotrisiloxane
Octamethylcyclotetrasiloxane
Decamethylcyclopentasiloxane (*)
Decamethyltetrasiloxane (*)

Dodecamethylcyclohexasiloxane (*)

> Hydrocarbons C5-C10

2 Hydrocarbons >C10

2 BTX

2 Other Aromatic HC

2 Terpenes

2 Inorganic Chlorine (*)

2 Organic Chlorine

2 Total Chlorine (**)

2 Inorganic Fluorine (*)

2 Organic Fluorine

2 Total Fluorine

2 Total Mercaptans (*) (**)

Z Sulphate (*)

Z Sulphur (Spzs + ScrasH + Ssulphate)

2 Residual Oils

> Silicon - Organic Compounds
(Calculated as Siloxane) (**)

2 Silicon - Organic Compounds
(Calculated as Si) (**)

mg/m?®
mg/m?®
mg/m?®
mg/m?®
Terpenes
mg/m?®
mg/m?®
mg/m?®

mg/m?

Silanes and Siloxanes

mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
mg/m?®
Total
mg/m?
mg/m?
mg/m?
mg/m?
mg/m?
mgCl/m®
mgCl/m®
mgCl/m®
mgF/m?
mgF/m?
mgF/m?
ppmV
mg/m?®
mgS/m®
mg/m?®

mg/m?®

mgSi/m®

4.0
12.5
3.6
16.9

46.5
24.7
106.0
331.2

5.1
0.4
<0.05
<0.05
2.2
2.2
<0.05
0.1

64.9
4.2
138.3
36.9
508.4
<0.8
<1
<1.8
<0.8
<1
<1.8
<1
<0.8
87
514
10.1

3.4

3.5
11.8
3.4
15.3

45.7

23.6

91.6
317.7

4.0
0.22
<0.05
<0.05
1.4
1.7
<0.05
<0.05

45.3
2.8
135.6
33.9
478.6
<0.8
<1
<1.8
<0.8
<1
<1.8
<1
<0.8
92
308
7.8

2.7
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s Other families mg/m?® 27.7 19.3

(*) Itis worth mentioning that the analytical results of the measured parameters by absorption of the
second impingers in all cases have been lower than the first ones. Thus, allowing the validation of the
sampling of the corresponding probes.

(**) Taking as zero, the values below the quantification limit for the compounds no detected of the family

Table II-7. Further Landfill Gas Analysis of the Murcia Site (12/07/07) [1].

Description Murcia (Spain)
Gases
Methane Vol.-% 44.8
Oxygen Vol.-% 3.5
Carbon Dioxide Vol.-% 32.1
Nitrogen Vol.-% 19.4
H,S
Hydrogen Sulphide mg/m?® 250
Halogenated Hydrocarbons
F12 mg/m?® 3.6
F11 mg/m?® 0.4
F113 mg/m? <0.1
Vinylchloride (VC) mg/m? 0.9
Methlichloride mg/m? <0.1
1,1-Dichloroethane mg/m? <0.1
1,2-Dichloroethane mg/m? <0.1
1,1-Dichloroethane mg/m? <0.1
Cis-1,2- Dichloroethane mg/m? 1.0
Trans-1,2- Dichloroethane mg/m3 <0.1
Dichloromethane mg/m?® <0.1
Trichloromethane (Chloroform) mg/m?® 0.1
Tetrachloroethane mg/m?® <0.1
1,1,1-Trichloroethane mg/m?® 3.1
Trichloroethane mg/m?® 6.2
Total Chlorine mg/m?® 11.7
Total Fluorine mg/m?® 1.2

Aromatics, BTX

Benzene mg/m?® 2.6
Toluene mg/m?® 58.5
Ethylbenzene mg/m? 16.7

m,p-Xylene mg/m? 31.8
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Silanes and Siloxanes

o0-Xylene mg/m?®
Cumene (i-Propylbenzene) mg/m?®
n-Propylbenzene mg/m?®
Mesitylene mg/m?®
1,2,4 — Trimethylbenzene mg/m?®
1,2,3 — Trimethylbenzene mg/m?®
3,4-Ethyltoluene mg/m?®
2-Ethyltoluene mg/m?®
i-Propyltoluene mg/m?®
Pinene mg/m?
Limonene mg/m?®

Tetramethylsilane (TMS) mg/m?®
Trimethylsilanol (MOH) mg/m?®
Hexamethyldisiloxane (L2) mg/m?®
Hexamethylcyclotrisiloxane (D3) mg/m?®
Octamethyltrisiloxane (L3) mg/m?®
Octamethylcyclotetrasiloxane (D4) mg/m?®
Decamethyltetrasiloxane (L4) mg/m?
Decamethylcyclopentasiloxane (D5) mg/m?
Total org. SI-Comp mg/m?
Total Si mg/m?

6.0
0.3
0.5
2.1
2.5
2.0
1.9
0.9
129.4
38.2
45.0

<0.1
5.8
0.5
0.1
<0.1
2.3
<0.1
1.8
10.5
3.6

Table 11-8. Analysis of the concentration of the minor components at Landfill site 1 before and after

purification — Germany.

Minor Compound / Class

H.S
Halogenated Hydrocarbons
F12
F113
Vinylchloride (VC)
Methlchloride
1,1-Dichloroethane
1,1-Dichloroethane
Cis-1,2- Dichloroethane
Trans-1,2- Dichloroethane

Dichloromethane

53

2.1
<0.1
0.9
<0.1
<0.1
<0.1
0.8
<0.1
0.1
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Trichloromethane (Chloroform) <0.1
Tetrachloroethane <0.1
1,1,1-Trichloroethane <0.1
Trichloroethane 0.2
Tetrachloroethene 0.1
Aromatics, BTX
Benzene 3.1
Toluene 10.0
Ethylbenzene 12.9
m,p-Xylene 19.2
o-Xylene 5.1
Cumene (i-Propylbenzene) 3.6
n-Propylbenzene 1.7
Mesitylene 2.6
1,2,4 — Trimethylbenzene 5.2
1,2,3 — Trimethylbenzene 2.1
3,4-Ethyltoluene 4.7
2-Ethyltoluene 2.5
i-Propyltoluene 17.4
Pinene 36.9
Limonene 17.0
Silicon Compounds
Tetramethylsilane (TMS) 3.8
Trimethylsilanol (MOH) 8.2
Hexamethyldisiloxane (L2) 8.3
Hexamethylcyclotrisiloxane (D3) 0.4
Octamethyltrisiloxane (L3) 0.3
Octamethylcyclotetrasiloxane (D4) 3.7
Decamethyltetrasiloxane (L4) <0.1
Decamethylcyclopentasiloxane (D5) 1.9

Table 11-9. Measured masses with CI-MS and concentrations of the most relevant minor

components present in LFG (landfill gas) — Germany [1].

Compound Conc. Conc.

Compound Mass

Group [ng/m3] [ppmv]

H,S 34 230000 161.97

Sulphur .
Methanthiol 48 560 0.28
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Ethanthiol

Alkane n-butane
Cyclic Alkane Cyclohexane
Alcohol Tert-Butyl-Alcohol

Acetone

Ketone

Butanone
Benzene
Toluen

m+p Xylene

BTEX

Trimethylbenzene
Isopropylbenzene (Cumen)
Limonene

Beta-Pinene

Terpene

Alpha-Pinene

Trichloroethene

Chlorinated

Tetrachloroethene

Compounds

Chlorobenzene
Trimethysilanol

Hexamethyldisiloxane (L2)

Silicon-organic  Decamethyltetrasiloxane (L4)
Compounds Hexamethylcyclotrisiloxane (D3)

Octamethylcyclotetrasiloxane (D4)
Decamethylcyclopentasiloxane (D5)

62
58
84
59
58
72
78
92
106
120
119
68
93
93
130
164
112
90
162
296
208
282
354

4000
11000
8200
7000
8300
5100
3400
21000
34000
3800
5600
25000
4700
79000
240
140
220
12000
5000

840
15000
3000

1.54
4.54
2.34
2.27
3.43
1.70
1.04
5.47
7.69
0.76

4.40
0.83
13.92
0.04
0.02
0.05
3.19
0.74

1.21
0.19

CH,
CO,
H,O
NH,4

L2"
L3
L4
D3
D4
D5

Table 1I-10. Site 1. Landfill Gas Matrix, average results of two campaigns — Finland [2].

From landfill After drying

vol-% 52
vol-% 41
vol-% 3.3

ppm 3.5

Organic silicon, mg/m?:

0.3
2.6
2.1
2.6
1.8

50
41
0.9
<1

0.3
2.3
1.7
3.0
1.8
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TMS**

H2S

DMS
butanethiol
ethylthiol
thiourea

Ethylbenzene

Nonane

a-pinene

2 — xylenes

limonene

etanol

toluene

octane

¥ halogens ~, mg/m®

main: trichlorofluoromethane

1,2 - dichloroethene

1.8
Sulphur compounds mg/m?:

820

2.8

15

2.8

0.3

VOC (main components), mg/m?®:

21

14
50.5

11

126

31

19

0.1

2-7

710
2.8
15
2.8
0.3

19
13
13
18
119
28
18
0.1
2-7

guantification inscure due to high hydrogen sulphide content

" quantified as toluene eqy.

Table 11-11. Site 1. Site 2. Landfill Gas Matrix — Finland [2].

To microturbine, actived

To microturbine, active
carbon filtrated,
new filter media

From landfill carbon filtrated, 17
weeks in use
CH, vol-% 36.5 36.2
CO, vol-% 32.7 32.4
H,O vol-% 0.51 0.47
O, vol-% 1 1
Organic silicon, mg/m?®:

L2 0.2 0.2
L3 0.05 0.08
L4 1.3 2.1
D3 2.3 0.9
D4 0.9 1

D5 1.3 1.4
TMS** 0.7 0.6

37

0.06

0.01
<0.01
<0.01
<0.01
<0.01
<0.01

n.d
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H.S
DMS
ethylthiol

Ethylbenzene
Nonane
a-pinene

2 — xylenes
limonene

toluene

2 halogens
mg/m?®

main:
trichlorofluorometh
ane

tetrachloroethene

Sulphur compounds mg/m?:
67 21 <5
0.8 0.8 <0.01
4.1 3.9 <0.01
VOC (main components), mg/m?®:
25 28 <0.01
9.4 9.9 <0.01
6.2 14 <0.01
33 40 <0.01
2.4 3.4 <0.01
4.9 7.2 <0.01
0.7 0.25 n.d.

guantified as toluene eqv.

CH, vol-%
CO, vol-%
H,O vol-%

L2
L3
L4
D3
D4
D5

H,S
DMS

Table 11-12. Site 3. Landfill Gas Matrix — Finland [2].

From
landfill

44.6
30
0.12

0.2
<0.1
<0.1
0.9
0.2
0.1

25.2
0.4

To microturbine,

actived carbon

filtrated, 17 weeks

in use
44.2
30
0.09

Organic silicon, mg/m?*:

<0.02
<0.05
<0.05
<0.02
<0.02
<0.02

Sulphur compounds mg/m?:

<5
nd

To microturbine,
actived carbon
filtrated,
new filter media
43.8
30
0.06

<0.02
<0.02
<0.05
<0.02
<0.02
<0.02

<5
nd

To fuel
cell
Purafil ®
new
44.0
30
0.27

<0.02
<0.02
<0.05
<0.02
<0.02
<0.02

<5
nd
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Ethylthiol 3.6 - - -
VOC (main components), mg/m?®:

Ethylbenzene 4.4 0.04

Nonane 8.7

a-pinene 3.1

2 — xylenes 6.1 0.132

Limonene 0.6

¥ halogens’, mg/m® 0.52 0.25 0.1 0.1

main: chloroethane

"quantified as toluene eqv.

Table 1I-13. Site 4. WWTP Biogas Matrix, average of two compaigns — Finland [2].

CH, vol-% 65
CO; vol-% 335
H,O vol-% 2
0O, vol-% -

Organic silicon, mg/m?®:

L2 0.03
L3 0.03
L4 0.12
D3 0.15
D4 1.6
D5 27
TMS 0.03
Sulfur compounds mg/m?:
H,S <14
DMS 0.1
Dipentyl disulphide * 0.1
VOC (main components), mg/m®:
Ethylbenzene 28
Nonane 3.1
a-pinene 14
2 — xylenes 1.3
Limonene 5.23
Toluene 4.6
¥ halogens *, mg/m? 0.09

main: chloroethane

"quantified as toluene eqv.
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Table I1-14. Site 4. WWTP Biogas Matrix, average of one week monitoring — Finland [2].

CH, vol-%
CcoO, vol-%
H,O vol-%

L2
L3
L4
D3
D4
D5
TMS*

H,S
DMS
Dipentyl disulphide *

Ethylbenzene
Nonane
a-pinene

2 — xylenes
Limonene
Toluene

¥ halogens *, mg/m®

0O, vol-%

65
29
0.5
Organic silicon, mg/m?*:
0.04
<0.01
1.29
0.03
0.1
0.9
0.6
Sulphur compounds mg/m?:
30
0.1
0.3
VOC (main components), mg/m?>:
1.7
1.1
1.3
14
62

0.7

main: tetrachloroethene, dichloromethane

"quantified as toluene eqv.
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Appendix lll: Identification of trace species that can potentially
act as poison for CPOx catalysts

Biogas/landfill gas is a mixture composed principally from methane (40— 70%) and carbon dioxide,
along with other contaminants (see also Appendix Il): hydrogen sulfide (H,S), carbonil sulfide
(COS), carbon disulfide (CS,), hydrochloric acid (HCI), hydrofluoric acid (HF), ammonia (NH3),
water (H,O), nitrogen (N,), oxygen (O,), hydrogen (H,), carbon monoxide (CO), hydrocarbons
(CiHans2), halogenated hydrocarbons (C Hzn.1X), siloxanes (hexamethylcyclotrisiloxane (D3),
decamethyl-cyclopentasiloxane (D5), octamethylcyclotetrasiloxane (D4), hexamethyldisiloxane
(L2), octamethyltrisiloxane (L3)), tars, heavy metals: arsenic (As), lead (Pb), zinc (Zn), cadmium
(Cd), mercury (Hg), particulates, etc.

As a result of effects on reforming catalyst(s) and anodic materials of the SOFC, the contaminants
can be classified into three classes (as shown in Table Il1I-1):

. C1 - compounds directly demaging;
. C2 — compounds not directly demaging (activated by temperature, surface of catalyst);
. C3 — compounds not directly demaging (inertization, passivation)

Table IlI-1. Contaminants for reforming catalyst(s) and anodic materials of the SOFC [1].

Phys. Contamin
Name Formula y
state at class

Hydrogen sulfide H.S G C1
Carbonil sulfide COS G C1
Carbon disulfide CS; L C1
Hydrogen chloride HCI G C1
Hydrogen fluoride HF G C1
Ammonia NH3 G C1,C2
Hydrogen phosphide PH; G C1,C2
Metals (Hg, Pb, Se, As, Cd, Sb) L, S C3
Decamethylcyclopentasiloxane — D5 Ci1oH3005Si L C3
Hexamethyldisiloxane — L2 CeH150Si> L C3
Octamethylcyclotetrasiloxane — D4 CeH2404Sis L C3
Nitrous oxide N20 G C3
Nitric oxide NO G C3
Dinitrogen trioxide N20s3 L C3
Dinitrogen tetroxide N20;4 G C3
Dinitrogen pentoxide N20s S C3
Sulfur dioxide SO, G C2
Sulfur trioxide S0s G C2
Chlorodifluoromethane CH.Cl> G C2
Chloroform CHCl3 L C2
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Dichlorofluoromethane CHCI,F G C2
Chlorofluoromethane CH:CIF G C2
Dichloromethane CHCl2 L C2
Chlorotrifluoromethane CCIF3 G C2
Carbon tetrachloride CCly L C2
Trichlorofluoromethane CClsF G C2
Dichlorodifluoromethane CClyF, G C2
1,2-Dichlorotetrafluoroethane C.CloF4 G C2
1,1,1-Trichloroethane C,HsCls L C2
1,2-Dichloroethene C,H.Cl, L C2
1,2-Dichloroethane C2H4Cl, L C2
1,1-Dichloroethane C2H4Cl, L C2
1,1,2-Trichloroethane C;HsCls L C2
1,1,1,2-Tetrachloroethane C2HCly L C2
1,1,2-Trichloro-1,2,2-Trifluoroethane C.ClsF3 L C2
Trichlorethene CoHCl3 L C2
Tetrachlorethene CoCly L C2
Vinyl chloride C2HJCl L C2
2,2-Dichloropropane CsHsCly L C2
1,3-Dichloropropane CsHeCly L C2
Chlorobenzene CeHsCl L C2
1,2-Dichlorobenzene CeH4Cl L C2
1,4-Dichlorobenzene CsH4Cl, L C2
Benzene CeHs L C1,C3
Toluene CsHs(CHs) L C1,C3
ethyl Benzene CsHa(C2Hs) L C1,C3
o,m,p - Xylene CsHa(CHs), L C1,C3
iso-propyl Benzene CeHs(i-CsH7) L C1,C3
1,3,5 trimethyl Benzene CeH3(CHs)s L C1,C3
p-methyl iso-propyl Benzene CeHa(i-CsH7)(CHs) L C1,C3
1,2,4,5 tetramethyl Benzene CeHa(CHs)4 L C1,C3

LEGENDA: G —gas, L - liquid, S — solid, C1, C2, C3 — contaminant class
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Appendix IV: Standards that can be used for sampling and
measurement of biogas contaminants

Here are listed some standards that can be used for the sampling and measurement of sulfur
compounds, ammonia, carbon monoxide, carbon dioxide, oxygen, hydrogen fluoride (HF),
hydrogen chloride (HCI), water, heavy metals, hydrocarbons, halogenated hydrocarbons, volatile
organic compounds (VOC’s) and particulates. At ISO (International Standardization Organization)
there are not specific standards for sampling and analysis of biogas contaminants.

1. Generalities

SR I1SO 4226:2008 — Air quality — General aspects — Units of measurement;

ISO 4225:1994 - Air quality -- General aspects — Vocabulary;

SR ISO 7504:2004 — Gas analysis. Vocabulary;

ISO 19702:2006 - Toxicity testing of fire effluents -- Guidance for analysis of gases and
vapours in fire effluents using FTIR gas analysis;

ISO 8573-6:2003 - Compressed air -- Part 6: Test methods for gaseous contaminant
content.

2. Sulfur compounds

ISO 4219:1979 - Air quality -- Determination of gaseous sulfur compounds in ambient air --
Sampling equipment;

STAS 10814-76 — Air purity. Determination of hydrogen sulfide;

ISO 6326-1:2007 - Natural gas -- Determination of sulfur compounds -- Part 1: General
introduction;

ISO 6975:1997 - Natural gas -- Extended analysis -- Gas-chromatographic method.

3. Ammonia

STAS 10812-76 — Air purity. Determination of ammonia.

4. CO, CO,, O,

ISO 12039:2001 - Stationary source emissions -- Determination of carbon monoxide,
carbon dioxide and oxygen -- Performance characteristics and calibration of automated
measuring systems;

SR ISO 10396:2008 - Stationary source emissions — Sampling for the automated
determination of gas emission concentrations for permanently — installed monitoring
systems;

ISO 6974-6:2002 - Natural gas -- Determination of composition with defined uncertainty by
gas chromatography -- Part 6: Determination of hydrogen, helium, oxygen, nitrogen,
carbon dioxide and C1 to C8 hydrocarbons using three capillary columns.
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5. HF

e [SO 15713:2006 - Stationary source emissions -- Sampling and determination of gaseous

fluoride content.
6. HCI

e SR EN 1911-1:2002 — Stationary source emissions — Manual method of determination of
hydrogen chloride — Part 1: Sampling of gases;

e SR EN 1911-2:2002 — Stationary source emissions — Manual method of determination of
hydrogen chloride — Part 2: Gaseous compounds absorption;

e SR EN 1911-3:2002 — Stationary source emissions — Manual method of determination of
hydrogen chloride — Part 3: Absorption solutions analysis and calculation;

o [SO 21438-2:2009 - Workplace atmospheres -- Determination of inorganic acids by ion
chromatography -- Part 2: Volatile acids, except hydrofluoric acid (hydrochloric acid,
hydrobromic acid and nitric acid).

7. Water

ISO 6327:1981 - Gas analysis -- Determination of the water dew point of natural gas --
Cooled surface condensation hygrometers;
ISO 8573-9:2004 - Compressed air -- Part 9: Test methods for liquid water content.

8. Hydrocarbons

ISO 6974-6:2002 - Natural gas -- Determination of composition with defined uncertainty by
gas chromatography -- Part 6: Determination of hydrogen, helium, oxygen, nitrogen,
carbon dioxide and C1 to C8 hydrocarbons using three capillary columns;

ISO 6974-1:2000 - Natural gas -- Determination of composition with defined uncertainty by
gas chromatography -- Part 1: Guidelines for tailored analysis;

ISO/TS 14167:2003 - Gas analysis -- General quality assurance aspects in the use of
calibration gas mixtures — Guidelines;

ISO/TR 24094:2006 - Analysis of natural gas -- Validation methods for gaseous reference
materials;

ISO 6975:1997 - Natural gas -- Extended analysis -- Gas-chromatographic method;

ISO 23874:2006 - Natural gas -- Gas chromatographic requirements for hydrocarbon
dewpoint calculation;

ISO 1995:1981 - Aromatic hydrocarbons — Sampling;

ISO 2209:1973 - Liquid halogenated hydrocarbons for industrial use — Sampling;

ISO 11338-1:2003 - Stationary source emissions -- Determination of gas and particle-
phase polycyclic aromatic hydrocarbons -- Part 1: Sampling;

ISO 11338-2:2003 - Stationary source emissions -- Determination of gas and particle-
phase polycyclic aromatic hydrocarbons -- Part 2: Sample preparation, clean-up and
determination;

SR EN 13649:2002 - Stationary source emissions — Determination of the mass
concentration of individual gaseous organic compounds — Activated carbon and solvent
desorption method;



&T“ﬂ’ D3.3 Biogas fuel utilization at the FC-District unit Page 113 of 118

ISO 14965:2000 - Air quality -- Determination of total non-methane organic compounds --
Cryogenic preconcentration and direct flame ionization detection method.

ISO 10301:1997 - Water quality - Determination of highly volatile halogenated
hydrocarbons -- Gas-chromatographic methods

ISO 15009:2002 - Soil quality - Gas chromatographic determination of the content of
volatile aromatic hydrocarbons, naphthalene and volatile halogenated hydrocarbons --
Purge-and-trap method with thermal desorption

ISO 22155:2005 - Soil quality - Gas chromatographic quantitative determination of volatile
aromatic and halogenated hydrocarbons and selected ethers -- Static headspace method

ISO 16017-2:2003 - Indoor, ambient and workplace air -- Sampling and analysis of volatile
organic compounds by sorbent tube/thermal desorption/capillary gas chromatography --
Part 2: Diffusive sampling

9. VOC’s

10.

ISO 16017-1:2000 - Indoor, ambient and workplace air -- Sampling and analysis of volatile
organic compounds by sorbent tube/thermal desorption/capillary gas chromatography --
Part 1: Pumped sampling;

ISO 16017-2:2003 - Indoor, ambient and workplace air -- Sampling and analysis of volatile
organic compounds by sorbent tube/thermal desorption/capillary gas chromatography --
Part 2: Diffusive sampling;

ISO 16000-6:2004 - Indoor air -- Part 6: Determination of volatile organic compounds in
indoor and test chamber air by active sampling on Tenax TA sorbent, thermal desorption
and gas chromatography using MS/FID;

ISO 16200-1:2001 - Workplace air quality -- Sampling and analysis of volatile organic
compounds by solvent desorption/gas chromatography -- Part 1. Pumped sampling
method;

ISO 16200-2:2000 - Workplace air quality -- Sampling and analysis of volatile organic
compounds by solvent desorption/gas chromatography -- Part 2: Diffusive sampling
method.

Siloxane sampling and measurement

According to [1,3-9] there are no standard methods for analyzing siloxanes in gas matrix, but
based on the literature search, several methods are available. Collection of siloxane samples is not
yet standardized. In some works [1,3,10] there are described a sum of sampling methods, but none
of them are generally accepted. Samples can be collected in steel canisters, glass collection
containers, Tedlar bags, or concentrated in a liquid or solid absorbent. In the following Table V-1 is
provided a summary of the compatibility of different sampling techniques.
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Table IV-1. Sampling techniques of gaseous siloxane [1,2,10].

Compatibility

: : with other
Advantages Disadvantages Material Recovery

impurities in
the gas

6 liter metal Summa
canister analyzed by

GC/MS after being
Metal ized for24 h [4
ga Quite good pressurlzed or [4]
canister Heaviest molecules
(D5, D6) can absorb
o oot Poor representation onto thg walls of the
Gas sample if the consistency of canister [1].
taken into Simple, fast the gas varies. Compatible Most common used
canister or Less suitable for accros Europe.
sebas heavy siloxanes Heaviest molecules

Tedlar bag Good (D5, D6) can absorb

onto the walls of the
bag [1].
Less suitable for
sampling than Tedlar

Aluminium | Adsorption

ted b ffect
coated bag effec bags [1]
Relati XAD-2
? atve XAD-4, Imperfect )
simple . Varies
polyuretha | adsorption
sample
ne foam
| Possbilty of Depends Desorbfion using
Collection ) on the carbon disulfide,
longer . Activated . .
onto i Poor representation quality of methylene chloride,
sampling ) . charcoal . .
adsorbent L if the consistency of activated methylisobutylcetone
time, in which .
the gas varies carbon (MIBK) [2]
case a more
representative
sample is Tenax Good Varies
obtained
Midget impingers — 6
ml methanol in each -
flowrate 112 ml/min, 3
h — identification by
GC/MS - determines
Longer Methanol 12,13, D4, D5 and DG -
sam ”ng fime Requires an ice acetone n Usually Limited Air Toxics (Folsom,
. >amping bath in the field. '™ 1 good, D3 suitabilty California) [10]
Impinger is suitable for . hexane,
. More demanding more (depends on
varying gas ) dodecane, or .
) sample train difficult the compound) Impingers — 20 ml
concentration etc.
methanol - flowrate 1
I/min, 20 min -
identification by GC/MS
— ESS Laboratories

(Cranston, Rhode
Island) [10]
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Siloxane samples are generally analyzed using: GC/FID (FID — flame ionization detector), GC/MS
(MS — mass spectroscopy), GC/AED (AED — atomic emission spectroscopy) and the quantification
of siloxane (mg/m®) is done as toluene equivalents (because siloxane reference certified materials
are not readily available), which often underestimates the true concentration.
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Appendix V: Biogas/landfill gas clean-up for use in solid oxide
fuel cells

1. Biogas produced in landfills (landfill gas)

To make the landfill gas (dirtiest quality biogas) usable by SOFC, OVM-ICCPET proposed the
following flux [1]:

H2 + CO recycle

:

g WR —I@]——- SR | 18R = 1CFR =  pg * rerr ™1 Fsr = C-POX = FC
-gas

LFG 3.2 har
60C

Legenda:

B-gas — biogas; LFG - landfill gas; WR - water removal unit; C — compressor; SxR - siloxanes removal unit; 1 SR - first stage bulk
hydrogen sulphide removal unit; 1 CFR - first stage bulk chlorinated and fluorinaded compounds removal unit; HDS —
hydrodesulphurisation unit; F CFR - fine chlorinated and fluorinaded compounds removal unit; F SR - fine hydrogen sulphide
removal unit; C-POX — catalitic partial oxidation reformer unit; FC — fuel cell (SOFC)

Figure V-1. Proposed flux for biogas/landfill gas clean-up.

Description of the proposed flux:

Biogas/Landfill gas (LFG) enters the system at near atmospheric pressure from the digester/landfill
and is mixed with a hydrogen-rich recycle stream. The biogas/LFG is then compressed to 3.2 bar
and cooled to 60 °C. The cooled stream flows to the bulk sulfur removal where the hydrogen
sulfide concentration is lowered to an acceptable level. The gas leaving the bulk sulfur removal
stage can be indirectly heated by burning a small amount of the gas leaving the bulk sulfur removal
unit in a fired heater. After that the gas enters to bulk halogenated compounds unit. The gas then
flows to the hydrogenation unit. In the hydrogenation unit, trace organic sulfur compounds are
converted to H,S and halogenated hydrocarbons are converted to the corresponding halogenated
acids (HCI, HF, etc.). Oxygen is also consumed in this unit by combustion with hydrogen. The
hydrotreated stream then flows through the halides and trace sulfur removal solids.

As previously mentioned, the clean fuel flows to CPOx reformer where the fuel is converted to
hydrogen and CO and a part of this stream is recycled. Heat for the partial oxidation reaction is
provided by burning a small amount of the gas leaving the bulk sulfur removal unit. The recycle
stream leaving the reformer is then cooled and mixed with the raw biogas/landfill gas at the inlet of
the compressor to provide hydrogen needed for the hydrogenation reactions.

Bulk Sulfur Removal - The sulphur removal material that can be used in this stage is supported
iron oxide (SulfaTreat - a mixture of ferric oxide and tri-ferric oxide supported on an inert inorganic
substrate). The advantages of SulfaTreat are its low cost, its low operating temperature 60 °C, and
its ability to reduce the hydrogen sulfide level to an acceptable level. In addition, it is non-
hazardous and can be used on site as fill material, road base, or as a soil amendment, eliminating
disposal costs. Two beds can be used in a lead/lag configuration. When the second bed breaks
through at 5,000 ppbv H,S, it is placed as a leading bed, while a fresh bed is placed in the lagging
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position. Switching can be done by appropriate use of valves. A saturated sulfur loading of 10.5%
can be used.

Trace Sulfur Removal - The bulk sulfur removal stage is followed by a trace sulfur removal stage.
This consists of a hydrogenation unit which hydrogenates the organic sulfur compounds to form
H,S by reaction with hydrogen. The hydrogen required is provided by a recycle stream (clean
biogas/landfill gas). The H,S produced is removed by a zinc oxide sorbent which removes the H,S
according to the following reaction:

ZnO + H,S — ZnS + H20 (V-1)

This reaction can lower the concentration of H,S to below 50 ppb. Low H,S concentration is
favored by low water content and by lower temperatures.

The zinc oxide is located in the lower portion of a cylindrical reaction vessel which is shared with
the chloride guard (Figure V-2).

Gasin

e

HDS
catalyst

Halide
guard

no

I

Gas out

Figure V-2. The compact trace biogas/LFG clean-up column.

Halogenated Hydrocarbon Removal - In the first stage two adsorbtion vessels filled with
activated carbon can be used in a lead/lag configuration. Halides are removed by first converting to
corresponding halogenated acids (HCI, HF, etc.) at high temperature and then removing the
halogenated acids by reaction with potassium carbonate or calcium oxide promoted activated
alumina at high temperature.

2HX + K2C03 — 2KX+ C02 + Hzo (V'Z)

In addition to reaction with potassium carbonate, HX can be also removed by chemisorption on the
alumina support used for the halide guard. Other materials are also available such as calcium
promoted halide guards.

After this treatment the cleaned-up biogas/LFG consists principally in a mixture of methane and
carbon dioxide, which for CPOx reforming purposes can be assimilated as methane.
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2. Biogas generated from anaerobic digesters

Figure V-3 shows the clean-up flux proposed for biogas (produced in anaerobic digesters) usage in
SOFC systems. The biogas gererated from anaerobic digesters is less treatment demanding
comparing to the biogas formed in landfills (landfill gas) and then the clean-up flux is simplier.

H2% - 500 ppm
Mercaptans - 100 ppm

Mercaptans - 100 ppm
To Reformer and FC

| CH4 + 02
H25 === 01 ppm

From Waste Digester

ar kG network AC OP45 DOP100

Biogas - H2S - 2000 ppm

NG - Mercaptans - 100 ppm Bulk H23 HZ3, COS, RSH RSR1
rermnoval RSH removal THT removal

Figure V-3. Proposed flux for clean-up of biogas produced in anaerobic digesters.
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